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Hydrogen production through biomass gasification coupled with carbon capture has the potential to be a net
negative emission process. Among the different designs of biomass gasifiers, the two-stage fixed bed gasifier has
proved its ability to produce high quality syngas with minimum tar content at an industrial scale. However, it has
not been investigated for hydrogen production. Hence, the current study is the first attempt to assess, through
process modelling, the technical feasibility of hydrogen production in a 10 MWy, two-stage gasification system
using wood chips as feedstock. Mass and energy balances have been established in the Aspen Plus and MATLAB
software. In contrast to most models in the literature, which were based on the equilibrium approach, the
proposed system utilizes reliable kinetic models for the gasifier operation and the main downstream processes.
An extensive validation of the gasifier kinetic model has been carried out and then a sensitivity analysis, which
has revealed that the optimum steam-to-biomass ration (SBR) is 0.8 and 1.2 for the air-steam and the oxy-steam
gasification systems, respectively. Further, the optimum steam-to-CO ratio (S/CO) for the water gas shift reactors
(WGSRs) is 4, under which an overall 82.9% conversion of CO has been achieved. The results show that the 10
MWy, two-stage gasifier can attain a specific hydrogen yield of 81.47 gHy/kg dry biomass. Based on the carbon
footprint assessment, the process is net negative with an emission factor of —1.38 kgCO,-eq/kg biomass. Further,
heat integration has also been conducted and it was found that the energy conversion efficiency of the whole
system is 49.6%. This study is important since it provides a reliable data source for biomass-based hydrogen
production through gasification in a commercial two-stage gasifier that can dictate operational strategies of pilot
and demo plants.

obtained from fossil fuel sources, that is 62% from natural gas, 18% from
oil and refineries, and 19% from coal, while its production from low
carbon sources is limited to 1%. Consequently, hydrogen production is
CO,, intensive with an emission factor of approximately 9.6 kg COo/kg
Hp [2]. Therefore, in order to boost the capacity of hydrogen production
while maintaining the CO5 emissions at low levels, renewable sources (e.

1. Introduction

The transition towards renewable and clean energy supplies is a
necessity to combat climate change. Hydrogen can play a major role in

this transition, and it is regarded as a prospective alternative to fossil
fuels [1]. Also, this explains why, according to the International Energy
Agency (IEA), hydrogen is an important piece of the energy puzzle to
achieve the targeted net zero emissions by 2050 [2]. Besides its usage as
fuel, hydrogen is also utilized in many chemical processes, such as fuel
upgrading and the production of ammonia and methanol. Currently,
most of the commercial hydrogen production (e.g., 94 Mt in 2021) is
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g., biomass, wind and solar energy) should be utilized. Biomass is a
renewable energy source with cumulative low, zero, or negative carbon
emissions depending on the rate of growth vs the rate of consumption.
Further, when the biomass energy conversion process (i.e., bioenergy) is
integrated with carbon capture and storage (also known as BECCS), the
contribution into the mitigation of climate change is even greater. In
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Nomenclature

Abbreviations

BECCS  Bioenergy with Carbon Capture and Storage
CFBG Circulating fluidized bed gasifier

CGE Cold gas efficiency

CHP Combined heat and power

d.a.f Dry ash free

DFB Dual fluidized bed

DG Downdraft gasifier
DME Dimethyl Ether

EF Entrained flow

ER Equivalence ratio
FC Fixed carbon

HHV Higher heating value
HTWGSR High temperature water gas shift reactor

LHV Lower heating value

LTWGSR Low temperature water gas shift reactor
MC Moisture content

ORC Organic Rankine cycle

PG Plasma gasifier

PSA Pressure swing adsorption

RGibbs Minimum Gibbs free energy reactor
RMSD  Root mean square deviation

RPlug  Plug flow reactor

SAF Sustainable Aviation fuel

SBR Steam to biomass ratio

VM Volatile matter

WGSR  Water gas shift reactor

stoich Stoichiometric

Symbols

A Pre-exponential factor

[C] Concentration

E Activation energy

Hgp Enthalpy of formation for biomass
hg; Enthalpy of formation of species i
hg Latent heat of water

h; Sensible enthalpy of species i

Kp Equilibrium constant

n Reaction order

P; Partial pressure

S steam

T, Reference temperature

wt.% Weight percent

x Mole fraction

X Conversion

y Mass fraction

Vi Moles of species i

q Rate of heat loss per unit mass of flow
m Mass flow rate

p Heating rate

such systems, the biomass can be utilized for power generation or con-
verted into various fuels and/or chemicals, such as syngas, Dimethyl
Ether (DME), sustainable aviation fuels (SAF), and hydrogen [3,4]. With
that in mind, BECCS represents a promising approach to achieving
negative emissions. In addition, it is considered to be an economically
viable option for low-carbon hydrogen production process compared to
the other renewables-based alternatives [5]. One of the most promising
energy conversion technologies of biomass is the thermochemical gasi-
fication, which exploits most of the energy content of solid biomass and
converts it to a gaseous fuel (mainly, composed of CO, Hy, CO,, CH4 and
CyHy) with a high conversion efficiency and a high hydrogen yield [6].

For the air-driven gasification systems, the hydrogen content in the
produced gas can vary between 5 and 21 dry vol.% depending on
various factors, such as the type of biomass being used, the gasifying
agent, the design of the gasification reactor and other operating condi-
tions [7,8]. In order to boost the hydrogen production in the produced
gas, steam can be utilized as a gasifying agent. The steam addition can
increase the Hy content up to 54% at steam to biomass ratios (SBR)
between 0.8 and 1.4 depending on other process considerations, espe-
cially the gasification temperature [9-12]. Further, it is common to
intensify the hydrogen concentration in the produced gas by capturing
the CO5 during and/or after the gasification process. During the gasifi-
cation process, it can be achieved through the in-situ sorption of CO, by
a solid sorbent as investigated by [13,14]. However, this concept of
hydrogen enrichment is still premature and has not been applied on
large scales. The capture of CO, from the produced gas can be carried
out after the gasification process, which opens the door for other various
techniques, such as physical and chemical absorptions, and the mem-
brane separation [15,16].

Similar to the current commercial plants, hydrogen production sys-
tems through BECCS can follow the same approach of hydrogen
enrichment, i.e., they utilize water gas shift reactors (WGSRs) to convert
the CO into Hj. Following that, typical gas separation technologies can
be applied for high purity hydrogen recovery. For example, Spath et al.
[17] investigated a biomass-based hydrogen production system based on
the entrained flow (EF) gasifier from the test facility of Battelle

Columbus Laboratory at a scale of 9 tonnes/day. The syngas from the
gasifier was upgraded through a tar reformer, a desulfurization unit and
two water gas shift reactors in series; then the hydrogen was separated
by a pressure swing adsorption (PSA) unit. Whereas the off gas from the
PSA is combusted along with natural gas to provide the heat required for
the tar reformer, and the flue gas heat was integrated for steam gener-
ation. The gasifier was modeled in Aspen Plus by using the RYield
reactor that incorporated experimental correlations from the relevant
test runs. The tar reformer, the high temperature and the low temper-
ature water gas shift reactors were simulated as equilibrium reactors.
The overall system efficiency was 45.6%, where the gasifier cold gas
efficiency was 71.8% (LHV based). The same approach for syngas
upgrading was followed by Susmozas et al. [18], in which a dual flu-
idized bed (DFB) gasifier is employed to produce the syngas. A com-
parison between the types of gasifiers (i.e., oxygen-blown high pressure
EF gasifier and the air-blown atmospheric pressure dual fluidized bed
gasifier) for hydrogen production has been investigated by Salkuyeh
et al. [6]. The thermal efficiency of the hydrogen production from the
entrained flow gasifier was higher than that of the fluidized bed by 11%.
This is due to the extra biomass needed for the combustor in the dual
fluidized bed gasifier and this can be seen in the specific hydrogen
production rate (64 and 77 gH» per kg of biomass for the DFB gasifier
and the EF gasifier, respectively). These two types of gasifiers are the
most commonly-studied systems for hydrogen and/or biofuel produc-
tion as reported in [4,19-22].

Some other studies considered the bubbling fluidised bed gasifica-
tion system for hydrogen production [23-25]. For instance, Ersoz et al.
[23] investigated the production of high purity hydrogen from wood
through a bubbling fluidized bed by using an Aspen Plus model to
simulate the gasifier with the capacity of 100 kWy,. Similar to previous
studies, the syngas was upgraded through a tar reformer, WGSRs, and
PSA; all the system components were simulated under equilibrium-
based operation. At this capacity (100 kWy,), the hydrogen production
rate from this system was 76.1 gHo/kg dry biomass. Similarly, Mar-
cantonio et al. [25] simulated the hydrogen production from hazel nut
shells through gasification in a bubbling fluidized bed reactor at a
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capacity of 1 MWy, The gasifier was simulated following a quasi-
equilibrium approach in an RGibbs reactor and it was adjusted to
match the experimental results through the restricted equilibrium con-
trol method. Two separation technologies have been considered and
compared for Hy recovery, i.e., PSA and palladium membrane. The
hydrogen recovery ratio from the biomass was 38% and 49% by the PSA
and the palladium membrane, respectively.

Further, Kalinci et al. [26] compared the hydrogen production from a
downdraft gasifier (DG), a circulating fluidized bed gasifier (CFBG) and
a plasma gasifier (PG), at different plant capacities. The specific
hydrogen production rate was 54, 61.3, and 28.4 gH,/kg biomass for the
DG, the CFBG and the PG, respectively. The plasma gasification was the
most power consuming at a rate of 19.38 MJ/kg of biomass, while for
the CFBG and the DG, this was 1.336 MJ/kg and —0.709 MJ/kg of
biomass, respectively. Also, Martins et al. [27] investigated the
hydrogen production from biomass gasification through three different
types of gasifiers, i.e., conventional gasifier, supercritical water gasifier,
and plasma gasifier. They concluded that the supercritical water
gasification-based system gives the highest specific yield of hydrogen at
a rate of 0.844 Nm®/kg of biomass, compared to 0.828 and 0.758 Nm>/
kg that were attained from the conventional gasifier and the plasma
gasifier-based systems, respectively.

Since the gasifier is the driving force for the entire system, the quality
of the syngas depends, to a great extent, on the adopted gasification
technology [6]. Among the different designs, the multistage fixed bed
gasification system has recently proved its competence to produce high
quality syngas with minimum tar content, and its overall performance
has outranked the conventional designs [28]. The commercial module of
this design is developed by Xylowatt SA. under the name of the NOTAR®
gasifier [29]. Considering this high-quality syngas, it represents a
promising basis for the hydrogen production from biomass. This study is
the first attempt to investigate the technical feasibility of this technology
for hydrogen production through biomass gasification at a commercial
scale (10 MWy, NOTAR gasifier) within the BECCS concept. Most
modelling studies assume equilibrium conditions for the main system
units, such as the gasifier and the WGSRs, but this approach lacks ac-
curacy. Equilibrium models tend to underestimate the CO2 and CHy4
contents, and overestimate the Hy and CO contents [27,30]. In addition,
the equilibrium models neglect the reactor geometry. To overcome these
limitations, the current study utilizes a detailed, reliable kinetic model
for the gasifier and the WGSRs, with the aim of achieving a compre-
hensive technical investigation and assessment of the system.

2. Materials and methods
2.1. Feedstock

Wood chips have been considered as the feedstock with initial
moisture content of 30% that is reduced on-site via drying to 7.5%.
Table 1 provides the proximate and ultimate analyses of the feedstock,
which were carried out according to the XP CEN/TS 15,104 and the
ASTM-D 5373 standards [31]. Based on the ultimate analysis, the
feedstock can be formulated as CHj 4500 6. The feedstock is introduced
to the two-stage fixed bed gasifier to be processed for synthetic gas
(syngas) production.

Table 1
Proximate and ultimate analyses of wood chips [31].

Proximate analysis (wt.%) Ultimate analysis (wt.%, dry basis)

MC VM FC Ash C H N S (0]
dry basis

7.5 81.8 16.9 1.3 49.1 5.94 0.2 0.05 43.41

Energy Conversion and Management 298 (2023) 117812
2.2. Description of the two-stage fixed bed gasifier

The principle of the continuous two-stage fixed bed gasification
reactor relies on decoupling the gasification zones (pyrolysis and char
gasification). This approach of staged gasification allows for better
control of the pyrolysis products as well as enabling the independent
optimization of the two stages [32]. Herein, we have utilized the NOTAR
technology, which integrates the advantage of the staged gasification
with the advantage of the multi air supply but in a compact configura-
tion as shown in Fig. 1 [31]. This integration contributes to achieving
minimum tar content in the product gas and consequently minimal gas
processing [28,33]. Compared to the other types of gasifiers, the two-
stage gasifier is technically ranked as the second top after the plasma
gasifier, and it outranks the other types of gasifiers, i.e., fixed bed, flu-
idized bed and the entrained flow gasifiers [28]. Therefore, it can be
considered as a promising technology for hydrogen production. In
addition, it is expected to be an economically viable option when
compared to plasma gasification.

2.3. The gasification kinetic model

The two-stage gasification reactor is modelled through a detailed
kinetic model that accurately simulates the gasifier performance. In
principle, during the gasification process in a fixed bed gasifier, the
biomass particles are processed as they move through the different
temperature zones. It starts with the drying of the particles, as the
moisture content is the first to be released, then the particles’ compo-
nents start to decompose at higher temperatures by releasing gases and

Feeding system

- —— Pyrolysis zone
airor02
- ’ ’7 Combustion zone
- (T’ Reduction zone
airor02 '

' Syngas
|

>3

Fig. 1. The Notar two-stage gasifier [34].
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tar. This stage is known as the pyrolysis stage. The released water vapor,
tar and gases interact with each other and react with the solid char as
well as with the gasifying agent that is introduced to the reactor.

The developed model considers the consecutive release of the py-
rolysis non-condensable gases depending on the temperature. CO5 is the
first to leave the biomass particle at the early stage of pyrolysis. Then,
the CO and the CH, are to be released at a relatively higher temperature
followed by the Hj as the final non-condensable gas component to leave
the biomass particle. This consecutive release of the non-condensable
gases is governed by the temperature in the reactor, which in turn
controls their contribution in the homogeneous reactions. The evolution
of the pyrolysis gases and the temperature profile are simulated in
MATLAB, which is integrated with the Aspen Plus software to model the
gasifier operation. This approach of modelling has proved its accuracy to
simulate the gasification process in the downdraft gasifier and the up-
draft gasifier [35,36]. The flow chart of the integrated modelling
approach for the gasifier is presented in Fig. 2.

The distribution of the products from the biomass decomposition is
obtained from the pyrolysis of wood at 800 °C as studied by Tanoh et al.
[37] and can be represented as follows:

Energy Conversion and Management 298 (2023) 117812

Table 2
The Single Reaction Model for the non-isothermal pyrolysis [35,38].

The time-based and temperature-based rate equations

dx _ no Vi e
x* =k(1—-x)",x _q

& A _[-E . @)
ar —Eexp<ﬁ>(l —X)

Kinetic parameters

Gas Component E (J/mole) A (min™ 1) Reaction order (n)
CO, 43,300 915.63 2
CcOo 37,810 33.75 2
CHy4 50,740 335.62 2
H, 60,570 220.49 2

To simulate the consecutive release of the non-condensable gases,
the Single Reaction Model is utilized. The rate equation of this model,
along with the kinetic parameters for each gas component, are tabulated
in Table 2. The equation of the temperature-based rate of pyrolysis gas

woodchip (CH; 450¢66)—0.127char + 0.107CO, + 0.211CO + 0.237H,0+0.16H, + 0.106CH, + 0.029C,H, + 0.0516Tar (@9

Biomass

|

Drying

Dry | Biomass

4

Pyrolysis

Evolution H,O0,

)
|
Char i
! Tar
I
I
|
I

Air, 02

Steam

Syngas

Fig. 2. The flow chart of the Aspen Plus/MATLAB integrated modelling
approach for the gasifier.

evolution is solved in MATLAB by utilizing the embedded solver (ode45)
and the results are exported to Aspen Plus to take part in the gasification
reactions. The introduction of the gases into the gasification reactions is
governed by the temperature, which is also simulated in MATLAB and
applied into the Aspen Plus model. The interaction between MATLAB
and Aspen Plus is outlined in Fig. 2. More details about the pyrolysis gas
evolution and the single reaction model and how it is applied and solved
in MATALAB can be found in [35].

The pyrolysis products are introduced to the Aspen Plus model,
where the gasification reactions, i.e., the combustion and reduction re-
actions, are modelled by seven RPlug reactors as discussed in section
2.4.1. In this model, the tar is simulated as a combination of benzene,
toluene, and naphthalene, which represent the major compounds of tar
from wood at 800 °C as reported in [37,39]. Their relative fractions are
assumed to be 64.6%, 12.6%, and 22.8%, respectively [37]. Table 3
presents the chemical reactions of the gasification process along with the
respective kinetic parameters.

2.4. The Aspen plus model for Hz production

2.4.1. Pretreatment and gasification

The Aspen Plus simulation starts by defining all the components
involved in the simulation by selecting the conventional components
from the library, whereas the woodchips, char and tar are defined as
non-conventional components. These components are recognized
through their elemental analysis (C, H, N, O, S) [52]. The properties of
these components, such as the enthalpy and the density, are evaluated
by the built-in models, known as the HCOALGEN and DCOALIGT
models, respectively. For the conventional materials, the properties are
evaluated by the Peng Robinson method with Boston Mathis alpha
function (PR-BM), which is advised to be used for the gas and petro-
chemical processes. The Peng-Robinson equation of state is well-known
to be successfully applied for thermodynamic and volumetric calcula-
tions of pure compounds and mixtures. Boston Mathias alpha is an
improved version of the original alpha in the Peng Robinson equation,
which enhances the temperature-dependent variation of properties
[53]. For water and refrigerant streams, the selected property methods
are STEAM-TA and REFPROP, respectively. The process flow diagram of
the gasifier model is shown in Fig. 3. The woodchips are first dried from
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Table 3

Chemical reactions and kinetic parameters.

Reaction Kinetic parameters
AG™H E(J/mol)  Ref.
R1 C + 0.50, —» CO 2.3Tx[04)"* 92,300 [40]
R2 C+ 0y — CO, 2512 53375.9 [41]
R3 C + CO, — 2CO 4.4 T x[CO,y|"® 162,000 1401
R4 C+H,0—-CO+H, 15,170 121,620 [42]
R5 C + 2H, —» CHy4 4189 x 1073 19200 [43]
R6 CO+0.50; » CO; 1.3 x 108[H,0]°5[COJ'[0,]°%° 125,591 (44]
R7 CO+ Hy;0 < CO,+ 2780 12,560 [45]
Hy
Reverse 95,862 46637.5 [45]
R8  CH4+H,0-CO+  6.09x 10™ 257,000
[46]
3H,
Reverse 312 30,000
R9 H; + 0.50; — H0 2.2 x 10° 109,000 [47]
R10  CH4 + 1.50, —» CO 5.0119 x 101! [CH4]°‘7 [02]05 202,504 [41]
+ 2H,0
R11  GCyH4 + O — 2CO 2.73 x 1011 [CoH4)* %[0, 18 200841.3 [48]
+ 2Hy
R12  CyH4 + 2H0 — 3100.5 124,710
2C0 + 4H, (491
R13 CeHg + 4.502 — 3.8x 107 5545 -
6CO + 3H,0 150]
R14  CeHe + 2H0 — 3.39x 443,000 [50]
1.5C + 2.2CH4 + 1015[C6H6]1,3 [HZO]O.Z[HZ]—OA <
2CO
R15 C7Hg + 3.502 — 1.3x 10! [02]05[1.[20]0'5 125,600 [50]
7CO + 4H, -
R16 C;Hg + 10-.5H20 232,300 356,000 [50]
— 3.5CO; + 14.5H,
+ 3.5CO
R17  CyoHg — 9C + 3.39 x 1014[C1oHg) ¢ [Hy) *° 350,000 51
0.1667CgHg +
3.5H;
R18  GCyoHg + 702 - 9.2 x 108T[C;Hg|*%[0,] 80,000 [50]
10CO + 4H,0
R19  CjoHg + 4H,0 — 268,000 95,700 [51]

CgHg + 4CO + 5Hy

Ly—| DECOM

CALCULATOR

b

i

gy

I Combustion zone
Reduction zone

‘ Syngas

CHARDEC

carcurato| €
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30% to 7.5% moisture content by utilizing the heat generated within the
system. This pre-gasification drying process is simulated in an RStoic
reactor by following the reaction as follows [54]:

Biomass,,,—0.0555H,0 ()]

This reactor enables the calculation of the energy demand needed for
a specified conversion of biomass into water vapor. Here, in order to
achieve the 7.5% value, the conversion of biomass is 22.5%. This
equation implies that the biomass is converted to 1 kg of water, and this
is based on the biomass molecular weight being recognized as 1 kg by
Aspen Plus, since it is a non-conventional component. Following this,
the wood chips are converted to conventional components, i.e., HyO, C,
O,, Hy, S, N3 and Cly through an RYield block “DECOMPOS”, while
maintaining the mass conservation of the ultimate analysis of the wood
chips [55]. The decomposed components are directed to another RYield
block, which is governed by a FORTRAN calculator to simulate the py-
rolysis process according to equation (1) at 800 °C. It should be noted
that the composition of the tar is identified according to the previously
mentioned fractions of benzene, toluene, and naphthalene. In order to
maintain the mass conservation of the woodchips, the elemental
composition of the char is identified by determining the residual mass
fractions of C, H, and O and they are calculated in another FORTRAN
block “PYROL1”. All the FORTRAN codes can be found in the supple-
mentary material.

The gasification reactions are simulated in seven RPlug reactors
connected in series, which are configured to match the reactor di-
mensions. The pyrolysis gas components are introduced to the RPlug
reactors through the separator block “GAS-EVOL” according to the
temperature-based gas evolution model (see Table 2). The temperatures
of the gasifier reactor (i.e., the RPlug reactors) are modelled in MATLAB
by applying the energy conservation principle over the different gasifi-
cation zones. The energy balance equations are presented in Table 4,
where Tpyr, Teomp, and Tyq are the temperatures of the pyrolysis, the
combustion, and the reduction zones, respectively. Also, the term for the
heat loss rate in the energy equations (q) is a function of the equivalence
ratio (ER) and the lower heating value (LHV) as reported in the literature
[56,57]. It is estimated as 0.08, 0.1, and 0.32 of the product (ER x LHV)
for the pyrolysis, the combustion, and the reduction zones, respectively.
These numbers represent lower heat loss assumptions than those

RESIDUE

owash |

N2+ASH

Fig. 3. Process flow diagram of the two-stage gasifier.
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Table 4
Equations for the energy balance model [35].

Energy balance (Pyrolysis zone) . . . . 5)

Hf-B(TO) + Hy qgene = Zi.uutmi hf-i(TO) +hi(Tny) —hi(T,) +qpyr
Energy balance (Combustion zone) . . . . 6)

& Hyp + Hfggene = 3 oM [hf.i(TO) +hi(Teomy) —hi(To) +Qcomb}
Energy balance (Reduction zone) . . . . )
&y Hf.B + Hf.agent = Zi,outmi [hf.i(TO) Jfhi(Tred) 7hi(T0) +qred]

Enthalpy of formation for biomass (wet and dry) Hf_B = nig[(1 — MC) x hypp(To) +MC x henie(To) | [€))

hyps(To) =HHV + [Y¢ x hyco, (To) +0.5 X Yu X hrt,0(To) | —[(A/F)gic X Br0,(To) ] ©)]
Biomass HHV HHVpiomess = 0.3419C + 1.1783H + 0.1005S —0.1034 0 —0.015N —0.0211 Ash (10)
Biomass LHV LHVpiomass = HHV —hg x (9Yx +Yyc) an
Equivalence ratio { . . } 12)

Mgir/Mp
ER = actual
[mair/mﬂ
stoich
Stoichiometric Air-fuel ratio Mair ~1.293 1.866 Cat +5.55 Haar +07 Sdaf o 7odaf (13)
Miomass - 77100 TTTT100 7100 7 100
stoich

reported in the study of Diyoke et al. [56]. Further details about
modeling the temperatures of the zones in MATLAB and how the data
are exchanged with Aspen Plus can be found in [35].

When the RPlug reactors simulate kinetic-based chemical reactions,
they take into account the dimensions of the reactor and the temperature
profile along the reactor length. The dimensions of the two-stage gasifier
are adopted from a scaled-down gasifier unit, i.e., NOTAR gasifier at a
syngas-based capacity of 200 kWy, [31]. The internal diameter of the
reactor is 0.6 m and the total height of the gasifier plant is approximately
3 m. The dimensions of the gasifier are applied into the RPlug reactors
(B1 to B7 in Fig. 3) based on the actual passage that the biomass goes
through during the gasification process. This is such that the top five
RPlug reactors are designated to simulate the reactions in the pyrolysis

(pry!
16
LTWGS

L==_l]

zone with a height of 0.18 m per block. Then, the combustion and
reduction zones are simulated by the 6th and the 7th blocks with heights
of 0.35 m and 0.6 m, respectively. The gasifying agents (air, oxygen,
and/or steam) are supplied to the reactors through a stream distributer
“Dist” to provide the gasifying agents to the stages of the gasifier. Al is
the 1st stream to introduce the agents to the pyrolysis zone with a var-
iable split fraction between 0.23 and 0.38 as per the operating condition
of the gasifier [31]. The 2nd main split stream of the agents is A2, which
takes a fraction of 0.4 from the main flow to the combustion reactor
(B6), while the remaining flow goes to the reduction reactor B7 through
A3. The last stream is considered to represent the permeating agents
through the biomass bed [35]. The residual ash and carbon are sepa-
rated by block B9 as shown in Fig. 3, while the produced syngas is

~ Steam for
gasifier

TO-ORC1

®
PUMP
W2
3 Wi ° H =]
o i
S 2 I

QFR-COM

c—- = . e
COMB-OXY ALCULATON

Fig. 4. Process flow diagram of syngas upgrading to hydrogen production and the heat integration network.
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Table 5
Catalytic reaction rate of the HTWGS and LTWGS reactions.
Reactor Catalyst Inlet Reaction rate Ref.
Temp.
HTWGS  Fe-Cr 450 °C _88
r= 4A566.xp(ﬁ) X [59]
(PCO)09(PH20)031 " /g*)
(PCO2 >0,156 (P ) )0.05
LTWGS CuO/ ZnO/ 230°C —34.983
= 62
Al,Os r = 4.785exp( RT ) [62]
(Peo)*™ Bus0) 0
(PC()Z )1,926 (PH2 )0.573
. [COs)H,) 4577.8
=2l e -433
= ooy =T ) 631

directed to the downstream chemical processing units as depicted in
Fig. 4. Prior to the gas upgrading, the gas flow and accordingly the size
of the chemical processing plant are scaled to 10 MWy, syngas power by
considering five modular units of a 2 MW NOTAR gasifier [58]. This is
equivalent to a total biomass feeding rate of 2,975 kg/h on a wet basis.

2.4.2. Syngas upgrading model

The downstream process that follows the syngas production includes
the gas reforming, Hy enrichment through WGS reactors, and the re-
covery of Hy. Also, the model considers the heat and energy integration
between the system components. The produced gas is firstly directed to a
tar reformer to convert most of the remaining tars into CO and Hs using
steam according to the following equation:

CyHy +nH,0 = nC0; + (n+ 2 Hy 14)

This reformer is simulated as a RStoic reactor at 900 °C with frac-
tional conversion values of 89.4%, 93.6% and 95% for benzene, toluene
and naphthalene, respectively [17,39]. The heat required by this
reformer is supplied by the burner “Burner” which uses the PSA off gas
as the fuel source as shown in Fig. 4. The hot reformed syngas is then
cooled down to 450 °C, which is the targeted temperature for the cat-
alytic high temperature water gas shift reactor (HTWGSR) [59]. This
temperature is achieved by splitting the hot syngas into two streams,
where only one of them is cooled down by water in the 1st heat
exchanger (HE1). The split fraction is adjusted to meet the required
temperature of the HTWGSR after mixing the two streams again.
Furthermore, the split fraction and the design specification of the heat
exchanger can be adjusted to control the condensation of steam in the
syngas stream, which is reflected onto the steam to the CO ratio in the
mixed gas for the HTWGSR. For this model, the split fraction is 0.63 of
the syngas and this is directed to the cooling heat exchanger, for which
the design specification is “Hot stream outlet temperature = 75 °C”.

It is worth mentioning that a ZnO bed is utilized to remove the HaS
from the syngas before the HTWGS reactor. The partially shifted gas is
then cooled further down to 230 °C through the 2nd heat exchanger
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(HE2) before the low temperature water gas shift reactor (LTWGS). The
cold stream in the 1st and the 2nd heat exchangers is heated to produce
the steam required for the steam gasification process. Meanwhile, the
hydrogen content in the relatively cooled syngas is enriched more
through the LTWGS reactor. Two RPlug reactors with catalysts are
employed to simulate the WGS reactors under adiabatic conditions [60],
where the kinetic rate expressions of the catalytic reactions are pre-
sented in Table 5. The bulk density of the catalyst bed and the bed
voidage are assumed to be 1400 kg/m® and 0.5, respectively and this lies
in the range reported in the literature [61]. The WGS is a reversible
reaction as shown in equation (15) and it is simulated in Aspen Plus with
the reaction class of power law:

CO+H,0« CO, +H, (15)

The shifted syngas is then cooled down to below its dew point to
release out the residual water and to decrease the gas specific volume
ahead of the compression process for the PSA unit. The gas compression
is carried out in two stages at a pressure ratio of 4 for both stages and
with isentropic and mechanical efficiencies of 85% and 95%, respec-
tively. The PSA unit can produce hydrogen with a quality of 99.9% and a
recovery rate of 80% [17]. It is simulated as a separator block in the
Aspen Plus model, where the off gas is directed to the burner for com-
bustion to supply the heat required for the tar reformer as depicted in
Fig. 4. This burner is simulated as an RStoic reactor, and the stoichio-
metric mass flow rate of oxygen needed for this combustion is estimated
in a calculator block “OFR-COMB” using the following equation:

Oxy oy (kg/h) = 0.5712 x CO + 7.9367 x H, + 3.9892 x CH, + 3.4218
x C,Hy + 3.0723 x CgHg
(16)

The remaining sensible heat available in the flue gas, after supplying
the necessary heat to the tar reformer, is utilized for the biomass drying
prior to the gasification process.

2.4.3. COz compression

The products from the oxy-combustor “BURNER” are mainly CO,
and water vapor. This stream is cooled down and the moisture is rejected
through the flash block (F4) before compression. Then, a series of
compression stages with intercooling and flash separators are employed
to compress CO, at supercritical conditions that are necessary for
transportation. Fig. 5 depicts the three stages of compression (C3-C5), in
which the final pressure of each stage is 7, 24, and 83 bar [64].
Following each compression stage, the compressed gas is cooled down
with cooling water (W11, W13, or W15) and the condensate is knocked
out in the flash blocks (F5, F6, or F7). Finally, the CO3 stream is at 30 °C
and 83 bar, which is above the critical pressure of 73.8 bar, and there-
fore the stream is in the liquid phase. Consequently, a pump is employed
to pressurize the liquid CO until it reaches the pressure of 153 bar that
is required for the transportation in pipelines [64]. The isentropic and
mechanical efficiencies of the compressors are 85% and 95%,
respectively.

Fig. 5. Flow diagram of the multistage compression of CO5.
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Table 6

Specifications of the implemented ORC [68,69].
Working fluid R245fa
Evaporator pressure 12.65 bar
Condenser pressure 2.42 bar
Pump efficiency 0.8
Turbine efficiency 0.75
Evaporator temperature 100 °C
Condenser temperature 39°C
Superheating at evaporator exit 0°C
Subcooling at condensation exit 0°C

The hot water streams (W6, W8, W10, ...... W14) are collected, and
since the accumulated heat content is not high enough to run a steam
turbine, an Organic Rankine Cycle (ORC) is utilized as can be seen in
Fig. 4. It is worth mentioning that the water stream (W16) is not directed
to the ORC, and this is due to its low temperature (i.e., 68 °C), that was
achieved in the heat exchanger (HE9) without temperature cross over.

2.4.4. ORC modelling

In order to complete the heat integration of the entire process, the
accumulated heat that is collected by the cooling water from the
different units throughout the process, is utilized to run an ORC. The
refrigerant R245fa is selected as the working fluid in the cycle owing to
its preferred thermodynamic properties [65]. In addition, it is more safe
and has a limited environmental impact due to its non-toxicity, low
flammability and low effect on ozone depletion [66,67]. Two heat ex-
changers (i.e., the evaporator and the condenser), a pump and a turbine
are employed to simulate the ORC. The heat sink of the cycle is cooling
water at 20 °C, which exits the condenser at 37.5 °C. The specifications
of the ORC are presented in Table 6. The corresponding flow rates of the
refrigerant and the cooling water are estimated based on the available
heat duty that is obtained from the process. Based on the hot water flow
rate of 6.366 kg/s at the temperature of 119 °C, the refrigerant flow rate
is estimated as 3.2 kg/s and the cooling water flow rate in the condenser
as 7.7 kg/s.

3. Results and discussion
3.1. Model validation

The gasifier model is thoroughly validated by comparing the model
results with the experimental data at different operating conditions and
at different scales. In order to quantitatively evaluate the accumulated
deviation between the model and the experimental results, the root
mean square deviation (RMSD) is employed and this can be calculated as
follows:

RMSD (vol.%) =
n

17

where, X; represents the volume extent of each component (i) in the
producer gas from the experiment and from the model. Table 7 shows a
comparison of the gas composition between the model and the

Table 7
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experimental results at different power conditions (162-217 kWy,) [31].
It can be seen that the model predictions are in very good agreement
with the experimental data, where the RMSD varies between 0.53 and
0.76 vol%. These RMSD values are much better than the values reported
for other models in the literature [70]. For instance, the equilibrium-
based gasification model of Tauqir et al. [71] has reported an RMSD
value of 2.53 vol%. Also, the kinetic-based model from Beheshti et al.
[48] estimated an RMSD of 1.86 vol%.

Also, Table 7 shows how the increase in operational power is directly
affecting the producer gas composition. When the air flow rate changes
from 47.0 to 64.4 kg/h, the COy, Hy, and the CH4 contents slightly
decrease whereas the CO content slightly increases. These changes in the
composition are a result of the change in residence time (reduced) and
temperature (increased). The residence time reduces because of the
increased flow velocity, and the temperature increases because of the
increased heat release at higher air flow rates. Both effects tend to favor
the partial oxidation of carbon to CO (R1) over the full oxidation to CO,
(R2). Also, the hydrogasification reaction (R3) is known as the slowest,
which leads to the reduction of CH4 [72]. Another effect of the increased
temperature is the promotion of the reverse water gas shift reaction
(R7), which in turn reduces the hydrogen content in the syngas pro-
duced. This performance matches well the results reported in [73].

3.2. Validation of the scalability of the gasifier

In order to extend the validity of the model to represent the higher
capacity of the gasifier, further validations have been carried out. Fig. 6
shows the model prediction in comparison to the experimental results at
different capacities of the gasifier (i.e., 200 and 600 kWy,). In general,
the model prediction of the gas composition shows a good agreement
with the two capacities. Despite the underestimation of CO and CH4 for

24
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Fig. 6. Comparison of the gas composition between the model the experimental
results of air gasification at 200 kWy, and 600 kWy, capacities [34].

Validation of the two-stage gasification model with the experimental data from [31].

Power = 162 kW,
Air = 72 Nm®/h
Biomass = 47.0 kg/h

Power = 169.25 kW,
Air = 78 Nm®/h
Biomass = 51.0 kg/h

Power = 217 kWy,
Air = 96 Nm®/h
Biomass = 64.4 kg/h

Parameter Simulation Experimental Simulation Experimental Simulation Experimental
CO; (vol.%) 11.25 12.49 11.15 11.85 10.98 11.89

CO (vol.%) 19.70 19.77 19.84 19.06 20.00 19.84

Hy (vol.%) 18.41 19.30 18.25 19.13 18.24 18.54

CH4 (vol.%) 0.46 1.16 0.44 0.83 0.33 1.00

RMSD (vol.%) 0.76 0.63 0.53
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Fig. 7. Comparison of the kinetic model and the equilibrium model predictions
against the experimental results of the 1 MWy, oxy-gasification in the NOTAR
gasifier [34].

the high capacity, the overall RMSD is still good at 1.21 vol%. Also, it is
worth noting that the model results show that a fraction of CyHy is
included in the produced gas and if it is added to the CHg4, the deviation
of the simulation value from the experimental one would be reduced.

Further, it is essential to validate the model against experimental
data from the gasifier under the condition and at the capacity that will
be utilized for the hydrogen production process. Fig. 7 depicts the
comparison between the model results and the 1 MWy, oxygen-based
NOTAR gasification system which is designed to produce a nitrogen-
free syngas by using oxygen instead of air as the gasifying agent. This
oxygen is obtained from a cryogenic air separation unit, and it is
introduced to the gasification process as 95% oxygen and 5% nitrogen.
The oxygen flow rate and the corresponding biomass feeding rate for
that scale are estimated as 100.6 Nm®/h and 297.5 kg/h, respectively. It
can be seen that the CO concentration has doubled, whereas the H, and
CO4 have increased by about 88% and 65%, respectively. Overall, the
predicted dry volume fractions of the different gas components by the
kinetic model are very close to the experimental values, in which the
RMSD is estimated as 0.57 vol%. In addition, since most of the studies in
literature employ the equilibrium model, another model is built in Aspen
Plus based on the RGibbs reactor for comparison. The details of the
equilibrium model can be found in the supplementary material. The
results from the equilibrium-based gasification model at 900°C as well
as from the kinetic model against the experimental results are presented
in Fig. 7. It can be observed that the equilibrium model (RMSD = 1.47
vol%) is not as accurate as the kinetic model. It is important to notice
that the equilibrium model overestimates both H, and CO concentra-
tions and this will lead to a higher overestimation of the final Hy yield
(after the WGS) since the CO will be shifted to Hs.

3.3. Effect of SBR on the gasification process.

Steam-assisted gasification is very helpful for the hydrogen produc-
tion from biomass, since the increase of steam provides abundance of
H,0 for the water gas shift, and the methane reforming reactions [74].
The increase of the steam to biomass ratio (SBR) has a positive effect on
the hydrogen content in the syngas, but the excess water vapor in the
syngas causes temperature drop in the reactor as observed in [75,76]
too. Hence, a parametric study on the effect of SBR on the air/steam and
the oxygen/steam gasification has been carried out to achieve the op-
timum operating conditions of steam gasification. The SBR is a ratio of
the total water content involved in the gasification process, (i.e., the
steam released from the biomass and the pure steam introduced to the
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Fig. 8. Effect of SBR on the produced gas composition from the air-based
gasification process.

gasification process) to the dry biomass feeding rate, and it is calculated
as follows [76]:

SBR = Miteqm + mmoiszm‘e (18)
Mrybiomass

3.3.1. Steam-assisted air gasification

For the case of air-steam, Fig. 8 shows how the dry-based gas
composition changes with the increase in the amount of steam intro-
duced to the gasifier at different SBRs. It can be seen that the Hy and the
CO,, fractions increase from about 20.0% and 13.0% to 23.8% and
19.5%, respectively when the SBR increases from 0.2 to 0.8, while on the
other hand, the CO declines from about 16.8% to 8.5%. As previously
mentioned, this trend in the changes is expected as the introduction of
more steam boosts the water gas shift reaction. However, beyond the
SBR of 0.8, the hydrogen content starts to drop and a noticeable increase
in the CHy4 is detected and this is attributed to the drop in the gasification
temperature due to the excess of steam [75].

In addition, it is important to relate the change in the gas composi-
tion to the process evaluating parameters i.e., the lower heating value
(LHV) of the producer gas and the cold gas efficiency (CGE), which can
be calculated as follows [77,78]:
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Fig. 9. Effect of SBR on the produced gas heating value and the efficiency of the
air-based gasification.
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LHV s (MJ/Nm®) = [(10.79 x Hy) + (12.636 x CO) + (35.82 x CH,) |
19

Vs X [LHV],
CGE% — V¢ [LHV],,

————————— x 100%
mp X [LHV]biomass ) ’

(20)

where, Hy, CO, and CH4 are the molar fractions of the combustible gas
components in the syngas, whereas Vgq (Nm®/h) is the gas flow rate and
mp (kg/h) is the biomass consumption rate. It can be observed from
Fig. 9 that the increase of the SBR leads to a decrease in the LHV, and
consequently in the CGE and this tendency has been reported before in
the study of Chutichai et al. [79]. Despite the increase in Hy, and CHy,
the drop in CO is comparatively significant, and this is the main reason
for the drop in the LHV. Also, when the SBR is higher than 0.8, and since
the hydrogen content starts to flip down, the decrease in the CGE in-
tensifies and drops to 60% at the SBR of 1.4. Therefore, for the gasifier
under investigation, and given that the goal of the study is to optimize
the Hj yield, the selected operating condition of the air/steam gasifi-
cation is taken as 0.8, and this value is slightly lower than the values
reported in some of the literature [75,80].
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Fig. 10. Effect of SBR on the gas composition of the produced gas from the
oxygen-based gasification process using the kinetic and the equilibrium models.

10

Energy Conversion and Management 298 (2023) 117812

3.3.2. Steam-assisted oxygen gasification

The modelled gasifier has demonstrated its capability to operate
efficiently with oxygen at an industrial scale and hence, this would be a
more efficient approach for hydrogen production compared to air
gasification. Consequently, it is essential to investigate the effect of
steam addition to an oxy-gasifier system.

Fig. 10a shows that a similar trend to air-steam gasification is
observed for the change in the Hy content, where it increases from
36.0% to 48.6% as the SBR changes from 0.2 to 1.2. The increase in the
hydrogen content under the oxy-steam gasification is even at a higher
rate, where it increases by about 35.0% in comparison to 19.0% in the
case of air-steam gasification (see Fig. 8). When the SBR exceeds 1.2, the
hydrogen content starts to drop, and this is a similar behavior to the
air-steam gasification but at higher values of SBR. This variation in the
rate of change and in the sustained performance at higher SBR values is
attributed to the operation with oxygen rather than air, in which the
gasifier can still operate at higher temperatures even at higher SBRs.

Further, a comparison of the gas composition between the employed
kinetic model and the equilibrium model is presented in Fig. 10, It can be
observed that there is a noticeable difference between the models, where
the equilibrium model shows different trends and different rates of
change for the gas components. For example, the equilibrium model
shows a continuous increase with an almost constant rate for the Hy
content (from 38.6% to 48.2%). This is a significant disadvantage of the
equilibrium approach that can lead to overestimation of Hy and inac-
curate reactor designs. Also, the rate of reduction in the CO content,
exhibited by the equilibrium model shown in Fig. 10, is less steep (from
41.4% to 17.8%) than the kinetic model, which decreases from 37.9% to
4.1% when the SBR changes from 0.2 to 1.8. These variations in the rates
of change are mainly due to the consideration of the temperature change
in the kinetic model in contrast to the equilibrium model.

Based on the predicted gas compositions, the effect of the SBR on the
LHV and the CGE, following the kinetic and the equilibrium models, is
presented in Fig. 11 and Fig. 12, respectively. When the SBR increases
from 0.2 to 1.2 through the kinetic model, the LHV decreases from 9.1
MJ/m® to 7.0 MJ/m?, while the CGE experiences only a slight decrease
from 74.5% to 71.0%. This slight reduction in the CGE does not match
the reduction rate in the LHV and this is due to the compensation caused
by the increased gas yield in this range of SBRs [81]. However, the exact
opposite behavior is noticed, where the LHV starts to plateau at around
7 MJ/m® and the CGE drops at higher rate from 71.0% to 62.6% when
excess steam is added. Therefore, for the gasifier under investigation, the
optimum operating condition for the steam-assisted oxygen gasification
of wood chips is 1.2.

When it comes to the equilibrium-based gasification model, the ef-
fect of SBR on the LHV is less intense, where it drops from 9.3 MJ/m? to
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Fig. 11. Effect of the SBR on the gas LHV and the CGE of the process for the
oxygen-based gasification process using the kinetic model.
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Fig. 12. Effect of the SBR on the gas LHV and the CGE of the process for the
oxygen-based gasification process using the equilibrium model.

7.5 MJ/m? over the entire range of the studied SBRs (0.2-1.8). Also, the
CGE exhibited a very slight change from 76.0% to 73.0% over the
studied range of SBRs as presented in Fig. 12.

3.4. Sensitivity of the WGSRs towards the steam to CO ratio

An important parameter that affects the conversion of the CO in the
syngas into Hy and CO, through the WGS reaction is the steam to CO
ratio (S/CO). Therefore, it is essential to perform a sensitivity analysis to
identify the optimum performance of these reactors. The effect of the S/
CO on the conversion of CO in the HTWGSR and the LTWGSR through
the adopted kinetic model and an equilibrium-based model are shown in
Fig. 13 and Fig. 14. The equilibrium-based model of the WGS reactors is
built in Aspen Plus using the REquil reactors at 450 °C and 230 °C for the
HTWGSR and the LTWGSR, respectively. It can be seen from Fig. 13 that
the increase of the S/CO ratio increases the conversion of CO for both
models; the rate of increase using the kinetic model is slower than the
equilibrium one and the gap between the two models expands as the S/
CO increases. By increasing the S/CO from 2 to 6, the conversion of CO
can reach 36% for the kinetic, while it can go up to 60% for the equi-
librium model.

After the HTWGSR, the gas is cooled down in order to reach the
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Fig. 13. Effect of the steam to CO ratio on the conversion of CO in the HTWGSR
under the kinetic and the equilibrium models.
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Fig. 14. Effect of the steam to CO ratio on the conversion of CO and on the
intermediate S/CO prior to the LTWGSR under the kinetic and the equilib-
rium models.

operating temperature of the LTWGSR at 230 °C. The effect of the main
S/CO on the conversion of CO in the LTWGSR and on the intermediate
S/CO (i.e., the ratio before the LTWGSR, referred to as [S/CO]5) is
presented in Fig. 14. It can be noticed that [S/CO]; increases from both
models with the increase of the main S/CO, where it starts almost at the
same point at 2 and with the increase of S/CO up to 6, the [S/CO],
further increases and reaches 13.6 in the case of the equilibrium model
and to 8.8% from the kinetic model. This is due to the high conversion of
CO in the HTWGSR and since the WGS reaction consumes only one mole
of Ho0 per mole of CO (see equation (15), the extent of HoO builds up as
the conversion occurs. This high [S/CO]; boosts the WGS reaction even
further until the equilibrium model becomes less dependent on the
steam content. Whereas the kinetic model needs high S/CO to achieve a
near-equilibrium conversion of CO, as can be seen in Fig. 14. Since the
amount of steam required needs high energy to be supplied, a balanced
choice should be made between the S/CO and the achieved conversion
of CO. Hence, based on the available steam from the gasification process
at SBR of 1.2, a ratio of S/CO up to 4.0 can be provided and it can
achieve a considerable conversion of CO, as can be seen from Fig. 14.

3.5. Hydrogen buildup throughout the system

The hydrogen content in the gas stream evolves throughout the
process, where the hydrogen sources are the biomass itself and the steam
injected. Fig. 15 presents how the mole flow of hydrogen changes
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Fig. 15. Hydrogen buildup throughout the system components.
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throughout the system. It can be noticed that the molar flow of
hydrogen, which is originally impeded in the biomass at 75.4 kmol/h,
substantially increases to 99.8 kmol/h during the gasification process.
Following that, the rise in Hy content persists through the tar reformer
and the HTWGSR, where it reaches 122 kmol/h. This rate increases
again as the temperature drops in the LTWGSR, which is in favor of the
exothermic WGS reaction towards more conversion of CO. Finally, the
obtained hydrogen flow from the PSA, at a recovery ratio of 80%, is
111.2 kmol/h. This represents a specific hydrogen yield of 81.5 gHy/kg
dry biomass. This is a little higher than the values reported in the
literature at 80.4-64.0 gHy/kg dry biomass [17,27,82]. For instance, the
specific hydrogen yield has been reported as 64.0, 76.1, and 77.0 gHa/kg
of biomass from the systems based on DFB, BFB, and EF gasifiers,
respectively [6,23]. Also, it is worth noting that, 27.8 kmol/h of
hydrogen is left as part of the off gas, which is sent to the burner.

3.6. Energy distribution throughout the system

This section deals with the energy distribution throughout the sys-
tem. It starts with the energy contained in the biomass and finishes with
the final products i.e., Hp and the liquid COs. Fig. 16 illustrates how the
energy flows through the main system components, and it considers all
the energy forms (i.e., the energy content in the material along with the
sensible heat, and the electricity). With a biomass feeding rate of 2975
kg/h, the total energy flow to the system is 13.92 MW, which represents
the driving power of the process. When the biomass is gasified, about
72% of the energy is converted into syngas (i.e., 9.99 MW), and 3.42 MW
as a sensible heat in the gas steam. Then, when the syngas is reformed at
an elevated temperature (900 °C) in the tar reformer with the heat
supplied from the PSA off-gas burner, the energy content of the gas
becomes 10.30 MW, while the sensible heat flow holds 2.69 MW after
generating steam with a rate 1.80 MW. The sensible heat flow declines as
the gas is cooled down to meet the operating temperature of the
HTWGSR and the LTWGSR, where the syngas energy flow becomes
10.00 MW after the LTWGSR. Finally, the hydrogen can be acquired
from the PSA at a rate of 224.19 kg/h, which is equivalent to an energy
flow of 7.47 MW. Furthermore, Fig. 16 shows the electrical power
needed for the system, mainly for the compression work in the PSA unit
and for the capture and the storage of CO5. The power needed for the
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PSA is 0.71 MW and for the CO, compression is 0.52 MW, and with the
contribution from the ORGC, i.e., 0.07 MW, the total electricity needed is
1.14 MW. Therefore, the overall energy efficiency of the system can be
estimated as 49.6%, and this is higher than the efficiency of the
entrained flow-based hydrogen production system, which is reported at
45.6% [17].

3.7. Carbon footprint

In order to evaluate the impact of such a system towards climate
change, the carbon footprint of the process is assessed. The emission
factors of the biomass feedstock and the electricity are considered as
16.60 kgCOz-eq/MWh of fuel and 0.205 kgCO2-eq/kWh, respectively.
The biomass emission factor is based on the UK forest residues, where it
includes the processing and transportation [83]. Also, the electricity
emission factor is based on the UK grid mix [84]. The emission factor of
oxygen is considered as 0.095 kgCOy/kgOs, which is obtained from
SimaPro software based on the UK grid electricity. By assuming 8,000 h/
year of operation for the system, the indirect CO2-eq emissions due to
upstream processing of biomass and the grid electricity used is 5,219.42
tCOy-eq/year. Whereas the amount of CO; captured and stored is
38,145.04 tCO2-eq/year, and hence the system is a negative emission
and has the potential to permanently store a net of 36,107.28 tCO»-eq/
year. Consequently, the emission factor of the process is estimated at
—1.38 kgCO2-eq/kg biomass. To account for the uncertainties in the
emission factors of the wood chips and the grid electricity, a sensitivity
analysis has been carried out by assuming + 100% variation to the
adopted values. Accordingly, the emission factor of the system can vary
between —1.25 and —1.50 kgCO»-eq/kg biomass as can be seen in
Fig. 17; this indicates that even at extreme pessimistic values for the grid
electricity and feedstcok upstream emission factors, the proposed pro-
cess is still net negative.

4. Conclusion

The current study provides, through comprehensive process model-
ling, the technical assessment of the biomass-based hydrogen produc-
tion process from the two-stage industrial gasifier (NOTAR) at a capacity
of 10 MWy, (of syngas). The modelling approach utilizes a reliable
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Fig. 17. Effect of the emission factors of the wood chips and grid electricity on the emission factor of the system.

kinetic model for the gasifier to simulate syngas production and to
optimize the gasifier performance. Also, the study employs a kinetic
reaction model for both WGSRs as a more realistic approach. The main
outcomes of this study can be summarized as follows:

e The model has shown a high validity to simulate the two-stage
gasifier at different scales (200 kWy, up to 1 MWy,) and under
different operating conditions with a RMSD ranging from 0.529 vol%
to 1.208 vol%, which represents a close agreement with the experi-
mental data.
By utilizing the validated model, the optimum gasifier performance
for hydrogen production is investigated following air-steam and oxy-
steam gasification. It has been revealed that the optimum SBR is 0.8
and 1.2 for the air-steam and oxy-steam gasification, respectively.
Following the oxy-steam gasification at SBR of 1.2, the produced
syngas is then upgraded through a tar reformer and two WGS re-
actors, where the LTWGS reaction is achieved at a S/CO of 4. This has
achieved an overall CO conversion of 82.9%in both reactors.
The model shows that the two-stage NOTAR gasifier can achieve a
specific hydrogen yield of 81.47 gHy/kg dry biomass. This is higher
than the yield reported from other types of gasifiers, and this en-
courages the consideration of the two-stage gasifier for hydrogen
production.
The by-produced CO- is captured and compressed for storage at a
rate of 4,768 kg/h, which makes the system a net negative emission
technology. The emission factor of the investigated Hy production
process is —1.38 kgCOy-eq/kg biomass.
e After an appropriate heat integration, the energy efficiency of
biomass conversion to hydrogen is 49.6%.

This study is important as it presents reliable technical data for
hydrogen production from biomass using the two-stage fixed bed
gasifier and represents a solid foundation for economic and environ-
mental studies. The configuration of the system through the developed
flexible model can provide meaningful information to operating Ha-
BECCS plants.
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