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A B S T R A C T

Operating sorbent-enhanced steam reforming (SE-SR) of methane in fluidised bed reactors presents a promising
pathway for industrial low-carbon hydrogen production. However, further understanding of its complex multi-
phase behaviours under certain operating conditions is still needed to guide reactor design and scale-up. This
study developed a computational particle fluid dynamic (CPFD) reactor model to study cyclic SE-SR perfor-
mance. The model was used to simulate scenarios representing potential reductions in catalyst activity and
sorbent inventory levels over time by varying catalyst-sorbent ratios. Additionally, the effects of two different
bed geometry designs were examined.

Results indicate that varying solids ratios influenced reaction progress, with optimised methane conversion
and CO2 capture observed at moderate ratios. Higher sorbent loadings enhanced thermal neutrality but risked
increased calciner energy penalties. Bed geometry also influenced localised hydrodynamics. Detailed solids and
gas concentration contours provided insight into segregation and spatial product distribution in the two designs.

1. Introduction

Hydrogen has a high energy density by mass and produces only
water vapor when combusted or used in a fuel cell, making it an
attractive alternative to fossil fuels from a sustainability and emissions
standpoint [1]. However, current methods of large scale hydrogen
production like steam reforming and gasification are fossil fuel-based
with huge CO2 emissions, and significant infrastructure would need to
be built to produce cleaner hydrogen at scale. While electrolysis and
other renewable hydrogen production methods are important long-term
solutions, carbon capture and storage (CCS) can play a key role in the
transition away from conventional fossil fuel-based hydrogen produc-
tion. Steam reforming with integrated CCS like sorption-enhanced steam
reforming (SE-SR) technology offers advantages as an intermediate op-
tion. In SE-SR, a physical sorbent material like calcium oxide is inte-
grated directly into the steam reforming reactor to capture and remove
CO2 from the reforming process as it occurs, allowing for an overall
capture efficiency of ~99 % and lowering CO2 emissions per unit of
hydrogen produced [2]. The overall SE-SR process involves two key
reactions: the steam reforming reaction that produces hydrogen repre-
sented by Eq. (1), and the carbonation/regeneration reaction in which

the sorbent material captures CO2 and is regenerated, as shown in Eq.
(2). M in Eq. (2) represents the sorbent, usually alkaline-earth or alkali-
based metals.

CaHbOc+(2a − c)H2O⇌
(

2a − c+
1
2
b
)

H2 + aCO2 (1)

MOa(s) +CO2(g)⇌MCO3(s) (2)

Large-scale production of hydrogen via SE-SR of methane requires
continuous operation of the process and solids circulation between the
reformer/carbonator and calciner. Various reactor concepts have been
proposed and reported for SE-SR of methane, including trickle bed,
packed bed and fluidised bed reactors. In trickle bed, the gaseous re-
actants are passed from the bottom through an immobilised bed of
catalysts while the sorbents are introduced into the reactor from the top,
and collected at the bottom [3,4]. Formation of hotspots within the
catalysts and scaleup challenges due to its complex phenomena are
setbacks associated with this reactor concept [5,6]. For packed bed re-
actors, a fixed ratio of sorbents and catalyst is contained in a reactor,
with gaseous reactants passed over the bed of mixed solids to produce
hydrogen [7,8]. Whilst fixed-bed reactors are simpler and are well-
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suited for high-pressure hydrogen production, they could face chal-
lenges with temperature control (to prevent the formation of hotspots)
at large-scale operation [9]. Also, solids circulation between reforming/
carbonation and calcination reactors can be complicated using this
reactor concept. Thus, fluidised bed reactors were selected for this study
due to their suitability for facilitating the continuous circulation of
solids between reactors, a key requirement for the sorption-enhanced
steam reforming process. This continuous circulation loop is integral
to maintaining the sorbent circulation necessary for hydrogen produc-
tion on an industrial scale.

Few configurations of fluidised bed reactors have been proposed for
use in SE-SR of methane, such as the use of dual bubbling fluidised bed
reactors for both the reformer and calciner units [10,11], the employ-
ment of fast fluidised bed (risers) and bubbling bed reactors for the
calciner and reformer, respectively [12–14], and the use of fast fluidised
for both reformer and calciner [15]. However, riser reformers have been
shown to achieve lower hydrogen yields than bubbling bed reformers
due to the shorter solids’ residence time in the reactor. Jakobsen and
Halmøy’s [16] modelling study provided a valuable comparison of
performance between SE-SR using bubbling and riser fluidised beds
reformers with lithium orthosilicate, sodium zirconate, and dolomite
sorbents. In their study, using CaO as the sorbent in a riser reactor
resulted in only a modest increase in hydrogen yield due to slow sorption
kinetics and insufficient solids residence time for CaO to achieve sig-
nificant conversion. This meant that an exceptionally long riser would
be needed to adequately enhance the reforming process via sorption. In
contrast, bubbling bed simulations showed much higher hydrogen yields
of up to 99.9 %. Whilst a bubbling fluidised bed configuration is pref-
erable to a riser for SE-SR of methane with CaO due to residence time
considerations, the reactor geometry and design could impact process

performance. Features like aspect ratio, inlet/outlet positioning and
internals can influence solids mixing and stratification, respectively
enhancing or hindering mass transfer between phases [17–20].

Previous studies have investigated the impacts of key operating
variables like temperature, pressure and gas velocity on SE-SR of
methane [21]; however, the influence of the catalyst-to-sorbent ratio
and reactor design has been relatively underexplored. This work seeks to
address this gap by modelling and analysing SE-SR performance under
varying solids loadings, in addition to exploring two different dual
bubbling circulating fluidised bed (CFB) reactor geometries. Simulations
were conducted by intentionally using low catalyst loadings, to provide
insights into process behaviour when catalyst activity declines, analo-
gous to real-world catalyst deactivation. Furthermore, testing low sor-
bent loadings will demonstrate the impact of declining sorbent
inventory on the SE-SR of methane performance, similar to sorbent
degradation over repeated cycles. Computational particle fluid dy-
namics (CPFD) software was used to conduct three-dimensional simu-
lations, based on solving continuum equations for the fluid phase
coupled with Lagrangian tracking of discrete particles. Constrained by
high computational requirements, this study considered only two
reactor bed designs as a precursor to our forthcoming work that will
scale up the SE-SR system using a simplified configuration (see Fig. 1b)
rather than the more complex original experimental setup (see Fig. 1a),
whose operational data was instrumental in validating the CPFD model
used in this study.

2. Methodology

A CPFD model for SE-SR of methane was developed using Barracuda
Virtual Reactor® v23.0.1 software – a specialised fluidised bed reactor

Nomenclature

CCE CO2 capture efficiency
CCS Carbon capture and storage
CFB Circulating fluidised bed
CPFD Computational particle fluid dynamics
C-S Catalyst-to-sorbent ratio
EMMS Energy minimization multiscale
LHV Low heating value
MP-PIC Multiphase particle-in-cell
PE Process efficiency
S/C Steam-to-carbon ratio
SE-SMR Sorption-enhanced steam methane reforming
SE-SR Sorption-enhanced steam reforming
SMR Steam methane reforming
WGS Water-gas shift
Dp Drag function, [kg/m3 s]
Dt Turbulent mass diffusivity, [m2/s]
Ea Activation energy, [kJ/mol]
F Interface momentum transfer between the particle and gas

phase, [N/m3 s]
hfw,hl,hd Fluid-to-wall, lean gas, dense particle heat transfer

coefficient, [W/(m2K)]
KSMR, KWGS Equilibrium constant of SMR, WGS reactions, [atm2], [-]
kad Adsorption constant, [atm-2]
kg Thermal conductivity of the gas (Table 2), [W/(mK)]
k0

SMR Rate constant for SMR in NK model, [kmol/(kg s atm0.404)]
k0

WGS Rate constant for WGS in NK model, [kmol/(kg s atm)]
m Mass flow rate, [kg/s]
M Molecular weight, [kg mol-1]
n Parameter in the sorption rate equation

p Partial pressure, [atm]
P Total pressure, [atm]
Pr Prandtl number, [-]
q Heat flux [W/m2]
q̇d Enthalpy diffusion term [J/(m3 s)]
R Rate of reaction, [kmol/ kgcat

-1 s-1]
Re Reynolds number, [-]
S Sorbent’s specific surface area, [m2/kg]
Sh Energy exchange between the particle and the gas phase,

[J/(m3 s)]
Si Interpolation operator for node i
T Temperature, [K]
u Velocity, [m/s]
x Molar flow rate, [mol/s]
X Conversion, [%]
YH2 Hydrogen yield, [%]

Greek
ρ Density [kg/m3]
Ḯ Volume fraction [-]
τ Stress tensor, [Pa]
μ Viscosity, [Pas]
ε Constant parameter in equation (10)
ξ Face node

Subscripts
cp Close-pack
fw Fluid-to-wall
g Gas
p Particle
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software. The CPFD model draws on the multiphase particle-in-cell (MP-
PIC) approach to resolve the catalyst and sorbent particles as discrete
elements, and has been employed to study the kinetic and hydrodynamic
interactions in fluidised bed reactors for other chemical processes such
as biomass gasification [22,23]. Certain drawbacks observed in model-
ling approaches like the Eulerian-Eulerian multi-fluid model, such as the
inability to fully capture particle-scale interactions for highly-dense
beds, can easily be resolved using the CPFD model. Three-dimensional
simulations of the SE-SR systems were performed on the University of
Hull’s high performance computing (HPC) cluster, Viper. Viper is
equipped with a large array of powerful graphical processing units
(GPUs) and central processing units (CPUs), that allows for
computationally-demanding simulations.

2.1. Reactor setup

This study models the cyclic performance of SE-SR of methane based
on a bench-scale setup similar to that developed at SINTEF [24]. Two
reactor systems are evaluated in this study. The first design (Fig. 1a)
replicates the system used at SINTEF, and employs a bubbling fluidised
bed reactor with an internal pipe for particle outlet from the bottom of
the bed. The second design (Fig. 1b) incorporates a side-exit particle
outflow mechanism to let out solids from the bed. Both designs consist of
interconnected bubbling fluidised bed reactors performing key roles − a
reformer/carbonator for the endothermic reforming and exothermic
sorption reactions, a calciner for the endothermic calcination reaction,
and auxiliary components like loop seals and a riser facilitating

Fig. 1. Design and dimensions of (a) reactor bed design with internal particle outflow (CFB1), and (b) reactor bed design with side particle outflow (CFB2) of the SE-
SR reactors used in the simulation.
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continuous solids circulation. The internal dimensions of the reactor
units are provided in Fig. 1. For each CFB system – CFB1 and CFB2, the
reformer/carbonator and calciner have the same dimensions. The bed
height and volume are also considered to be constant for CFB1 and
CFB2, at the bed volumes considered in this study (see Table 7).

During operation, fluidising gases are introduced to the bottom of the
reformer (located just below the cyclone), where reforming and
carbonation reactions occur. The product gases leave the reactor from
the top while the spent solids leave the reactor through the overflow
pipe located inside the reactor for CFB1, and the side exit for CFB2. The
solids enter the first loop seal, as seen in Fig. 1, then to the regenerator
(second reactor at the bottom). The loop seal is aerated with a fluidising
gas, forcing the solids to overflow into the regenerator. The loop seal is
attached to maintain the pressure levels, improve solids circulation rate
and minimise gas leakages between the reactors. In the regenerator, the
hot fluidising gas provides enough heat for decarbonation of the spent
sorbent; and operates in similar bubbling manner as the reformer. The
regenerated solids overflow to the bottom loop seal and are transported
through the riser back to the reformer, using a fluidising gas. The
cyclone in this system is only used to return solid particles to the
reformer. Completely mixed sorbents and catalysts were introduced into
the reactor, with an estimated sorbent-to-catalyst volume ratio of 4 in
the reformer. The superficial velocities of the fluidising gases are pre-
sented in Table 1.

2.2. Mathematical models

2.2.1. Hydrodynamic and heat transfer model
In the MP-PIC approach, the computational domain is divided into a

finite number of Eulerian cells to form a fixed mesh. The fluid phase
variables, such as density, velocity and pressure, are defined on this
stationary mesh. The particulate phase is modelled using computational
particles that are free to move within the domain. Each particle repre-
sents a collection of physical particles and tracks their properties in a
Lagrangian framework. As the particles traverse the cells over time, their
properties are interpolated from the particle locations onto the sta-
tionary Eulerian mesh, using an interpolation operator. Likewise, the
fluid phase variables defined on the fixed grid, such as hydrodynamic
forces – pressure and drag, are interpolated back to the particle positions
to update their motion. This coupling between the discrete Lagrangian
particle phase and continuous Eulerian fluid phase facilitates multiphase
interactions while reducing the computational cost, compared to fully
resolving each individual physical particle.

The governing multiphase equations incorporate the conservation of
mass, momentum and energy for both phases. Constitutive models
describe stress and viscosity relationships. Additional terms account for
the exchange of properties between phases via interpolation, as well as
interphase forces like gas–solid drag. Together, these equations provide
a numerical framework to simulate multiphase flow dynamics efficiently
in Barracuda VR® [25].

i. Gas phase

The mass, momentum and energy conservation equations for the gas
phase, assuming incompressible fluid phase, are expressed in Eqs. (3)–
(5), respectively [26,27].

∂
(
θgρg

)

∂t +∇Â⋅
(
θgρgug

)
= 0 (3)

∂
(
θgρgug

)

∂t +∇Â⋅
(
θgρgugug

)
= − ∇p+F+ θgρgg+∇Â⋅

(
θgτg

)
(4)

∂
(
θgρghg

)

∂t
+∇Â⋅

(
θgρghgug

)
= θg

(
∂p
∂t

+ugÂ⋅∇p
)

− ∇Â⋅
(
θgq
)
+ Sh+ q̇D

(5)

where θg, ρg,ug,hg, and τg are the gas volume fraction, density, velocity,
enthalpy, and stress tensor, respectively, for the gas phase. F is the
interface momentum transfer and couples the gas phase momentum
with the particle motion. The stress tensor is given as:

τg = τg,ij = μg

(
∂ui
∂xj

+
∂uj
∂xi

)

−
2
3

μgδij
∂uk

∂xk
(6)

In addition, the species continuity equations shown in Eq. (7) are solved
to determine the mass fraction, Yg,i, for each individual gas species, i,
present in the multiphase mixture. The species continuity equations
describe the conservation of mass for each gas component at every point
in space and time. By finding the localised mass fractions, Yg,i, the
composition of the gas mixture is known at any given location.

∂
(
θgρgYg,i

)

∂t +∇
(
θgρgYg,iug

)
= ∇

(
ρgDtθg∇Yg,i

)
+ δṁi,chem (7)

The term Dt in the species transport equation represents the turbulent
mass diffusivity, which accounts for turbulent mixing effects, while
δṁi,chem is the species source term due to chemical reactions occurring in
the system.

ii. Particle phase

The particulate phase is defined by the particle distribution function
(PDF). The PDF, denoted as ϕ, provides a statistical representation of the
particulate phase. It depends on particle properties such as position x,
time t, velocity up, and density ρg. To analyse the time evolution of the
particulate phase distribution, the Liouville equation is commonly
solved. Eq. (8) governs the time evolution of the PDF.

∂ϕ
∂t +∇Â⋅

(
ϕup

)
+∇up Â⋅

(
ϕap
)
= 0. (8)

The Liouville equation accounts for changes in the PDF due to particle
motion via up, as well as acceleration of particles, ap, via external forces
acting on each particle, such as fluid drag and pressure gradient forces.
Integration of the PDF over all particle properties yields locally averaged
particulate quantities, such as the number density and velocity. Solving
the equation also advances the statistical description of the dispersed
particle phase in a manner coupled to the fluid phase, defined on the
grid.

iii. Gas-particle interphase coupling

In multiphase simulations, modelling the interaction between the
dispersed particulate phase and the continuous carrier fluid is essential.
This interaction is represented through coupling terms that account for
momentum transfer in both directions. These two coupling terms are
important for consistent two-way momentum exchange between the gas
and solid phases.

Firstly, the particle acceleration (ap) depends on the forces exerted
by the surrounding gas on the particles as they move through the flow.
This particle acceleration term couples the particle phase to the gas
phase in the particle motion equations. This also accounts for drag and
other factors that make the particulate motion deviate from pure inertia.
The particle acceleration in the Liouville equation is expressed as [26]:

Table 1
Gas flows in the SE-SR system.

Units Fluidising gas Superficial velocity (m/s)

Reformer Nitrogen, steam and methane 0.062
Calciner Nitrogen 0.056

C. Udemu and C. Font-Palma
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ap = Dp
(
ug − up

)
−

1
ρp

∇p+ g −
1

θpρp
∇τp (9)

Dp is the drag function, whereas τp and θp are the interparticle normal
stress and particle volume fraction described in Eqs. (10) and (11),
respectively. The right-hand side of the acceleration equation represents
the following terms: aerodynamic drag, pressure gradient, gravitational
acceleration, and gradient in the interparticle stress, τp. This stress is
based on the particle volume fraction, θp, and is given as [27]:

τp =
10Psθpβ

max[θcp − θp, ε(1 − θp)]
(10)

Ps and θcp in Eq. (10) represent pressure constant and close-pack volume
fraction, respectively, while ε is a very small number included to prevent
the occurrence of singularity as the solid fraction approaches close pack.
θp is given by

θp =
∫∫∫

ϕVpdVpdρpdup (11)

Vp is the particle volume and changes in pressure and density are
computed using the ideal gas equation.

Secondly, interphase momentum transfer (F) represents the rate of
change of gas phase momentum due to the presence of particles. It
couples the gas phase motion to particle loading and distribution. The
interphase momentum transfer in the gas phase momentum equation is
given by

F =

∫∫∫

ϕVpρp
[

Dp
(
ug − up

)
−

1
ρp

∇P
]

dVpdρpdup (12)

iv. Drag model

When modelling multiphase flows involving solid particles dispersed
in a gas, an accurate representation of drag force is crucial. Drag func-
tion, Dp, significantly impacts the momentum exchange between phases
through the particle acceleration and interphase momentum transfer
terms. Several empirical drag models have been developed to calculate
the drag coefficient based on particle and flow properties. Ideal selection
depends on the flow regime and desired predictive accuracy. In this
study, a modified energy minimization multiscale (EMMS) drag model
was adopted. Moreover, this drag model have been successfully applied
in previous simulations of SE-SR in fluidised bed systems using a
different CFD modelling approach [28–30].

The EMMS-Yang model is suitable for bubbling and turbulent flui-
dised beds as it accounts for variations in voidage [31]. This modified
EMMS model, based on the works of Yang et al. [32] and Li and Kwauk
[33], reflects the heterogenous structure of a gas–solid system. Rather
than using an empirical drag law, EMMS solves for forces by minimising
the total energy of the system, including contributions from potential,
kinetic and interfacial energies [33]. This allows the model to account

for the complex flow patterns within the voids and drag forces arising
from frictional interactions between fluid and solid phases across finite
contact areas. It avoids empirical constants and applies over a wide
range of operating conditions using only particle properties and volume
fraction, θ, as inputs. Yang et al. [32] derived an analytical solution for
the EMMS drag law that is more computationally efficient. Thus, the
modified EMMS or EMMS-Yang model is adopted. The constants, c, in
equations 56 and 57 were generated from the experiment of Li and
Kwauk [33].

Dp =
9
2

μf
ρpr2p

Cd (13)

Cd =

⎧
⎪⎪⎪⎪⎪⎪⎪⎪⎨

⎪⎪⎪⎪⎪⎪⎪⎪⎩

1
18θf

(

c0
θp
θg

+ c1Re
)

θg < 0.74

(c2 + c3Ren0 )ωθg ≥ 0.74and Re < 1000

c4
Re
24

ωθg ≥ 0.74and Re ≥ 1000

(14)

ω =

⎧
⎪⎪⎪⎪⎪⎪⎪⎪⎪⎨

⎪⎪⎪⎪⎪⎪⎪⎪⎪⎩

c5 +
c6

4(θg + c7)
2
+ c8

0.74 ≤ θg < 0.82

c9 +
c10

4(θg + c11)
2
+ c12

0.82 < θg ≤ 0.97

c13 + c14θg0.97 < θg ≤ 1

(15)

v. Heat transfer model

Heat transfer from fluid to particles and wall was calculated using
fluid-to-particle and convective fluid-to-wall heat transfer models,
respectively. For the fluid-to-wall heat transfer, the local time-averaged
heat transfer coefficient, hfw, is calculated by weighting the relative
contributions of the lean gas and dense particle phases’ heat transfer
coefficients. The general equations for the lean gas (l) and dense particle
(d) phases’ heat transfer coefficients are presented in Eqs. (17) and (18),
respectively. The values of c0, c1 and c2 in both equations were obtained
from [34]. On the other hand, the fluid-to-particle heat transfer is
modelled based on correlation in Eq. (19), with coefficient values taken
from [35]. These coefficients, c0, c1, c2 in Eq. (17) and Eq. (19) were
taken as 0.46, 3.66, 0 and 0.37, 0.1, 0, respectively. Summary of the heat
transfer model equations are presented in Table 2.

2.2.2. Kinetic models
In this study, two representative kinetic schemes were applied −

steam methane reforming and carbonation. The steam methane
reforming (SMR) model describes the reactions between methane and
steam to produce hydrogen and CO2. The carbonation reaction involves
a reversible reaction, where CO2 reacts with CaO-based sorbent (dolo-
mite) to form calcium carbonate. Modelling this reaction accurately
captures carbon dioxide using dolomite sorbents.

i. SMR kinetics

Several kinetic models have been proposed in the literature to
simulate SMR processes. There are two widely used schemes developed
by Numaguchi and Kikuchi (NK) [36] and Xu and Froment (XF) [37],
due to their predictive capabilities. For this study, the NK kinetic model
was selected for the following key reasons. First, it offers a simpler
formulation compared to some alternatives, avoiding potential errors
from numerous kinetic parameters. Additionally, a prior comparative
study by Quirino et al. [38] found the NK approach demonstrated
relatively high accuracy in modelling reforming reactions. It also
exhibited lower numerical instability compared to other evaluated

Table 2
Summary of heat transfer model equations.

Parameters Expressions Equation

Heat transfer coefficient hfw = hl + fdhdfd = 1 − e− 10(θp/θcp) 16
Lean gas phase heat transfer

coefficients hl =
(
(
c0Ren1

L Prn2 + c1
) kg
L
+c2

)

,

W
m2⋅K

17

Dense particle phase heat
transfer coefficients hd =

(

c0Ren1
p
kg
dp

)

,
W

m2⋅K
18

Fluid-to-particle heat transfer
hp =

((
c0Ren1

p Pr0.33 + c1

) kg
dp

+c2

)

,

W
m2⋅K

19
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schemes. Stability is important for rigorous multiphase simulations.
Given its validation in previous works and simplicity while still
adequately representing chemical kinetics, the NK kinetic mechanism
provided a suitable basis for the present study. Using its formulation, the
steam reforming and water–gas shift (WGS) reactions occurring in SE-SR
processes can be characterised as follows:

SMR : CH4 +H2O ↔ 3H2 +CO ΔH0
298 = +206kJ/mol (20)

WGS : CO+H2O ↔ H2 +CO2 ΔH0
298 = − 41kJ/mol (21)

A hybrid rate equation for the reactions is obtained by Numaguchi and
Kikuchi [36] based on Langmuir-Hinshelwood and power rate law, and
is expressed as:

rSMR =
k0
SMRÂ⋅exp(− ESMR

R T )(pCH4pH2O −
pCOp3

H2
KSMR

)

p1.596
H2O

, [kmol/(kgcat s)] (22)

rWGS =
k0
WGSÂ⋅exp(− EWGS

R T )(pCOpH2O −
pCO2 pH2
KWGS

)

pH2O
, [kmol/(kgcat s)] (23)

Kinetic parameters k0
SMR, k0

WGS, ESMR, EWGS, KSMR, and KWGS were ob-
tained from Numaguchi and Kikuchi [36] and Hou and Hughes [39], and
are presented in Table 3.

ii. Carbonation kinetics

The carbonation model proposed by Sun et al. [40] for dolomite and
limestone sorbents was adopted for this study, as it has been successfully
applied in similar research concerning SE-SR process [21]. The grain
model used to describe the carbonation reaction considers how grain
size distribution changes with the reaction. This level of detail is
important, as the changes in grain size can influence product formation.
Furthermore, the Sun et al. [40] model has demonstrated a remarkable
capability in capturing the abrupt reduction in carbonation reaction
rates that is often observed using CaO-based sorbent [41]. This phe-
nomenon can have a profound impact on the overall performance of the
sorbent material. The rate equation is given in terms of conversion and
expressed below:

rc =
dX
dt

= kC
(
Pco2 − Pco2,eq

)nS(1 − XCaO) (24)

Where XCaO is the conversion of CaO defined as:

XCaO =
reacted CaO moles

total CaO moles
=

[
nCaO,0 − nCaO,t

]

[
nCaO,0

] (25)

S is the specific surface area of the sorbent. The surface area for the CaO
part in the dolomite sorbent is taken to be 3.1 × 104m2/kgsorb [40]. For
the dolomite carbonation, a first-order reaction was ascertained for
PCO2 < 10 kPa, whereas a zero-order reaction was reported for
PCO2 > 10 kPa. Therefore, the carbonation rate constant, kC, under both
conditions is presented in the equation below:

The equilibrium pressure, Pco2,eq , is a function of temperature [42], and is
calculated according to the Eq. (27):

CCO2 ,eq =

(
1.462 × 1011

T

)

exp
(
− 19130

T

)

;PCO2 ,eq = CCO2 ,eqRT[atm] (27)

iii. Calcination model

As CaCO3 particles decompose during calcination, their size de-
creases due to the diffusion of CO2 from the interior to the surface. The
changing grain size model considers how grain size distribution changes
with the reaction while incorporating the unreacted shrinking core
model to provide a more accurate representation of diffusion control
compared to simpler models [43]. Garcia-Labiano et al. [44] developed
a changing grain size model based on the dolomite particles’ granular
texture while accounting for internal diffusion limitations. They sug-
gested using the well-known Langmuir–Hinshelwood model to explain
the calcination mechanism. Their model took into consideration the
diffusion and reaction of gases within a particle’s differential volume
and was represented using a two-step Langmuir–Hinshelwood mecha-
nism. The first step involves decomposition of CaCO3 to CaO and
chemisorbed CO2, whereas in the second step, CO2 desorbs from the
active site. Their model provided a good representation and fit to
experimental data for dolomite across various operating conditions
tested; therefore, it was adopted in this simulation. The calcination re-
action is a function of CO2 partial pressure and is given by

Rcalc = kcSe(1 − θ)

(

1 −
PCO2

Pco2,eq

)[
mol
kgs

]

(28)

The fraction of occupied active sites (θ) was found to align with the
Freundlich isotherm, with the adsorption constant, c, represented via
the Arrhenius expression. θ is the fraction of active sites occupied by CO2
and is a function of CO2 partial pressure and adsorption constant, ac-
cording to the Freundlich isotherm expression below:

θ = c
̅̅̅̅̅̅̅̅̅
PCO2

√
(29)

The adsorption constant, c, and the kinetic rate constant, kc[molm− 2s− 1],
are given by

c = c0e
Ea
RT (30)

kc = k0e
Ec
RT (31)

Table 3
Arrhenius parameters, activation energies and equilibrium constants for the
reforming and shift reactions [36].

k0 Ea(kJ/
mol)

K

SMR 2.634× 102,
[

kmol
(kgcat atm0.404s)

]
106.870

1.167× 1013exp
(

−
26830
T

)

,

[
atm2]

WGS
0.248,

[
kmol

(kgcat atms)

]
54.531 1.767× 10− 2exp(

4400
T

)

kc =

⎧
⎪⎪⎪⎨

⎪⎪⎪⎩

1.04 × 10− 10exp
(
− 24000

RT

)

kmol/(m2sPa)at PCO2 − PCO2 ,eq ≤ 10kPa; n = 1

1.04 × 10− 3exp
(
− 24000

RT

)

kmol/(m2s)atPCO2 − PCO2 ,eq ≥ 10kPa; n = 0
(26)
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Consistent with changing grain size models, the reaction surface area is
determined by the particle radius, which changes as the reaction pro-
gresses. Therefore, the specific surface area of the sorbent, Se, is based on
Eq. (32), where r0 and r1 are the initial radius of CaCO3 and the radius of
its unreacted core, respectively.

Se = S0

(
r1
r0

)2

(32)

For simplicity, r1 is assumed to be independent of the grain’s radial
position, so that a correlation between r1

r0 and the unconverted CaCO3

(XCaCO3 ) can be determined [45]. Therefore, Se is estimated in Eq. (33).
Additionally, the S0 is taken to be 9.57 × 103 m2/kg [44].

Se = S0(XCaCO3 )
2
3 (33)

The equilibrium pressure, Pco2,eq , is a function of temperature as
described by Barin [46], and for a high-temperature calcination process,
is calculated according to the equation:

CCO2 ,eq =

(
4.137 × 1012

T

)

exp
(
− 20474

T

)

; PCO2 ,eq = CCO2 ,eqRT[atm] (34)

The kinetic parameters used in the calcination sub-model are provided
in Table 4.

2.2.3. Numerical solutions and model settings
The Eulerian conservation equations for the gas phase are solved

using the finite volume method, while the particle phase equations are
solved using computational parcels, which follow typical routes in phase
space with particle velocities, locations, and sizes as coordinates. Parcel
attributes are interpolated onto the Eulerian grid and the implicit ap-
proximations to the particle-phase are solved. The local gas velocities,
gas pressure gradients, and solids stress gradients are interpolated back
to parcel coordinates, and employed in a final explicit update of parcel
velocities once the grid equations are solved.

The interpolation of particle properties to and from the Eulerian grid
is achieved using interpolation operators. For a rectangular grid where a
particle is located at xp and xp = (xp,yp,zp), the interpolation operator,
S, in the cell centre x-direction takes the form for all nodes, i:

Sxi
(
xp
)
=

{
0 xi− 1 ≥ xp, xp ≥ xi+1
1 xp = xi

(35)

and
∑

i
Sxi (xP) = 1 (36)

The operators are defined in a similar way for face centre directional
interpolation operators, with properties as:

Sxi+1/2
(
xp
)
=

{
0 xi− 1/2 ≥ xp, xp ≥ xi+3/2
1 xp = xi+1/2

(37)

and
∑

ξ
Sxξ(xP) = 1 (38)

for all face nodes, ξ.
In three dimensions, xp is interpolated to eight grid nodes. The y and

z operators follow similar patterns and are all independent of their
counterpart coordinates. The motion of particles in the continuum fluid
momentum equation is coupled through an implicit coupling approach,
in the numerical scheme. This approach results in the product of the
particle to grid interpolation operators.

On the other hand, the grid-to-particle interpolation operator is used
to interpolate the grid quantities back to the individual particle posi-
tions. The gradient of the grid-to-particle interpolation operator is
important for calculating the forces acting on the particles. These force
calculations then allow for updating the particle properties, during the
next timestep of the simulation. The grid property (Q) mapped to par-
ticle location (xp), in support of the interpolation operator (Sξ), is pre-
sented in equation (39), while the gradient of the particle property is
given in Eq. (40).

Qp =
∑N

ξ=1
Sξ(xP)Qξ (39)

∇Qp =
∑N

ξ=1
∇Sξ(xP)Qξ +

∑N

ξ=1
Sξ(xP)(∇Q)ξ (40)

Detailed explanation for the product and gradient of interpolation op-
erators for three-dimensional calculations are provided by Snider [27].

The model settings used in the simulation are presented in Table 5.
Maximum momentum redirection from collision refers to the largest
possible change in momentum that can occur when two particles collide.
Tangent-to-wall momentum retention refers to how much of a particle’s
tangential momentum is maintained after colliding with a wall bound-
ary, while normal-to-wall momentum retention similarly describes the
degree to which normal momentum is conserved upon particle–wall
collisions [25]. The blended acceleration model (BAM) was also set for
the simulation. The BAM in dense polydisperse granular flows accounts
for inhibited relative motion between differently sized particles in sus-
tained contact. BAM calculates particle acceleration as a blend of ap-
proaches − an averaged value in dense packed regions where particles
adhere collectively, and independent motion in dilute areas [47]. This
better represents inter-particle interactions across flow regimes,
improving predictions of segregation behaviour during fluidisation
simulations.

Table 4
Kinetic parameters for the calcination of dolomite [44].

Parameter Value Units

Ec 114 kJmol− 1

Ea − 90 kJmol− 1

c0 3.5× 10− 7 Pa− 0.5

k0 29.5 molm− 2s− 1

Table 5
Model parameters and settings used in the CPFD software.

Parameters Values Units

Maximum momentum redirection from collision 40 %
Normal-to-wall momentum retention 0.85 −

Tangent-to-wall momentum retention 0.85 −

Courant–Friedrichs–Lewy (CFL) range 0.8 – 1.5 −

Time step 0.001 s
Simulation time 200 s
Averaging start time 100 s

Table 6
Case description for the simulated reactors.

Cases Geometry Catalyst-to-sorbent
volumetric ratio (Reformer)

Catalyst-to-sorbent mass
ratio (Reformer)

CFB1-
0.25

1 0.25 0.3

CFB1-1 1 1 1.3
CFB1-4 1 4 3
CFB2-

0.25
2 0.25 0.3

CFB2-1 2 1 1.3
CFB2-4 2 4 3
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The Courant–Friedrichs–Lewy (CFL) condition is a fundamental
stability criterion in CFD. The CFL criterion relates the time step size,
grid cell size and propagation speed, stating the time step must be small
enough such that information cannot propagate further than the size of
one cell in a single iteration [48]. If the CFL number is too high, infor-
mation moves faster than waves, causing numerical dispersion errors.
But too low (<0.1) wastes computational resources without benefiting
stability.

2.2.4. Operating conditions and assumptions
As seen in Table 6, three scenarios were considered to evaluate

system performance under conditions simulating sorbent degradation
and catalyst deactivation over time. A low catalyst loading scenario
(volume ratio: 0.25) was used to mimic gradual catalyst deactivation by
providing less active catalytic sites. This allows studying how conversion
rates decline with lower catalytic activity and whether reforming and
carbonation reactions can still sufficiently proceed. A high catalyst
loading but low sorbent addition scenario (volume ratio: 4) was used to
simulate the effects of sorbent degradation by providing less sorbent.
This scenario can provide insights into how product selectivity shifts as
sorbent capacity decreases. Whilst very few catalyst deactivation models
for SMR still exist [49], a reduced loading approach provides insights
without additional complexity. Further, no validated deactivation
models currently consider the SE-SR condition. An intermediate, base-
line scenario with equal catalyst and sorbent addition was also
evaluated.

Also, the two computational geometries – CFB1 and CFB2 – were
designed, where CFB1 and CFB2 have equal bed volumes. Each geom-
etry was then modelled at three different scenarios of catalyst to sorbent
volume ratios, as seen in Table 6. This resulted in six total cases to be
simulated, each parameterised with a range of catalyst to sorbent ratios.
These cases were configured to provide insight into how both structural
modifications and material loading ratios could influence hydrody-
namics and reaction kinetics within the dual CFB reactor system.
Assessing the SE-SR performance across these varied conditions, will
help improve the understanding of the impacts of catalyst-to-sorbent
ratios and invariably catalyst deactivation and sorbent degradation, in
order to maximise the system’s long-term operation and resilience
against these expected modes of decline.

The initial operating conditions for the system were taken from
Arstad et al. [50], to obtain consistent results for model validation and
evaluation. Pressure and velocity boundary conditions were used to
model the flow in the reactor. The pressure boundary condition was
specified at the outlet of the reactor, and the velocity boundary condi-
tion was specified at the inlet of the reactor. The fluidised bed system
was modelled under adiabatic condition, without the added complexity
of heat losses in and out. Due to the small contribution of radiation
expected for such small-scale system, compared to conduction and
convection, radiative heat transfer was ignored [51]. Physical properties

and operating conditions of the fluidising gas and particles are listed in
Table 7.

Following the completion of the simulation, product gas composi-
tions from the exit stream were obtained on a dry basis, with methane
conversions and hydrogen yields calculated from Eqs. (41) and (42),
respectively. The CO2 capture efficiency (CCE) in Eq. (43) is based on
carbon mass balance around the reformer, while Eq. (44) presents the
reformer’s process efficiency (PE).

XCH4 =

(

1 −
xCH4 ,out

xCH4 ,in

)

× 100% (41)

YH2 =
xH2,out

4xCH4,in

× 100% (42)

CCE =

(
xCH4 ,in − (xCO2 ,out + xCH4 ,out + xCO,out)

xCH4 ,in − (xCH4 ,out + xCO,out)

)

reformer

× 100% (43)

PE =

(
mH2 × LHVH2

(mCH4 ,in × LHVCH4 )

)

× 100% (44)

2.3. Grid independence study

A grid independence study was conducted to evaluate the effect of
cell size on the accuracy of the reactor model. Three different mesh sizes
were chosen − 1 million cells (coarse), 1.2 million cells (fine) and 1.5
million cells (very fine). Simulations were run using each mesh size and
pressure profiles along the vertical height of the connecting transport
riser were examined and compared. This transport riser was chosen as
the basis for comparison since it is common to both geometries. Fig. 2
shows the results of the pressure profiles.

With 1 million cells, the pressure profile showed higher pressure at
the bottom, which reduced along the height of the riser. When the mesh
was refined to 1.2 million cells, the pressure profile appeared the same
with fewer irregular variations. Increasing the mesh size further to 1.5
million cells did not lead to significant changes in the pressure profile.
The profiles matched very closely, suggesting that further mesh refine-
ment beyond 1.2 million cells was not providing additional insight into
the flow behaviour. The percent difference in pressures between the
coarse and fine cell meshes ranged from 0.01 % – 0.06 % at different
points, showing a noticeable effect of mesh size. However, the difference
was only 0.012 % – 0.13 % when comparing the fine and very fine cell
meshes. This indicated that the solution was relatively independent of
further mesh refinement and 1.2 million cells was providing an

Table 7
Operating conditions and model settings for the simulation of SE-SR of methane
in CFB reactor.

Parameters Value Unit

Total volume of solids in the system 0.160 L
Bed voidage 0.55 −

Catalyst and sorbent particle size range 90 – 200 µm
Catalyst density 2200 kg/m3

Sorbent density 1500 kg/m3

CaO/MgO concentration 60/40 wt%
Catalyst thermal conductivity [52] 0.33 W/

(mK)
Sorbent thermal conductivity (at room temperature) [53,54] 15 W/

(mK)
Reformer temperature 873 K
Calciner temperature 1173 K
Reactor pressure 1 atm

Fig. 2. Comparison of the transport riser pressure profiles for the different grid
cell sizes.
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appropriately well resolved solution. Based on the pressure profile
comparisons, the fine grid was concluded to be a suitable mesh that
balanced accuracy with computational cost. While the very fine mesh
may have resulted in marginal increase in mean pressures, the minimal
improvement did not justify the increased simulation time.

3. Results and discussion

Simulation of the bench-scale dual CFB reactor in the CPFD program
began with the random particle initialisation of mass in the domain,
where the total mass of particles in the system was approximately 1.5 kg.
This initial particle randomisation is important to properly set up the
computational model before the dynamic simulation captures how the
particles interact with the flowing gas streams. The simulation was run
for 200 s for each of the cases defined for the dual CFB reactor system.
This simulation time was sufficient to capture multiple cycles of particle
flow and mixing within the two interconnected reactor vessels being
modelled. The simulation results over the 200 s period were then ana-
lysed for each of the cases to evaluate system hydrodynamics and pa-
rameters of interest for the bench-scale SE-SR system. This section
reports the results of the simulation.

3.1. Model validation

The calcination kinetics was validated by simulating a unit cube
geometry. The unit cube geometry is a simplified model replicating the
operating conditions (pressure, temperature, particle size and density)
of the thermo-gravimetric analyser (TGA) experiment conducted by
Garcia-Labiano et al. [44]. This single-cell case was adopted to simplify
the simulation setup, reduce the computational time, and make it easier
to identify and troubleshoot any issues with the calcination reaction
rates. The cube was filled with 0.4 – 0.6 mm diameter of half-calcined
dolomite (CaCO3⋅MgO) particles at atmospheric pressure, in a nitro-
gen environment and 0 % CO2 partial pressure. The reaction tempera-
ture was set at 1123 K and the simulation was run for 50 s for complete
calcination.

A conversion-time plot for the calcination process was generated
from the simulation and compared with the experimental result from
Garcia-Labiano et al. [44], as shown in Fig. 3. The plot shows that
complete calcination of the carbonated dolomite particles was achieved
after 20 s in the simulation compared with ~22 s observed in the
experiment. Since the simulation and experimental results are close, the
kinetic model is considered to be suitable for further adoption in the CFB

Fig. 3. Comparison of calcination conversion level from the simulation case with literature data, both at 1 atm, 1123 K and 0 % CO2 [44].

Fig. 4. Comparison of the (a) reformer and (b) calciner product compositions from the simulation case with literature data [50].
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reactor modelling.
Following the validation of the calcination reaction model, it was

integrated into the CFB reactor model and the full-loop system was
validated. To validate the accuracy of the SE-SR in dual CFB reactor
simulation model, a comparison was made between the experimental
data by Arstad et al. [50] and results from the simulation case – CFB1-1.
This case was used because it had similar geometric parameters and
operating conditions (including pressure, temperature, particle size and
density) representing the actual bench-scale reactor. The simulated
reformer/carbonator product composition for the last 10 s, after 200 s
simulation time, was extracted and averaged from the CFB1-1 case data
and compared with the experimental compositions on a dry volume (%)
basis. If the simulated composition matches the experimental data, it
indicates that the underlying reaction mechanisms and hydrodynamics
modelled in the simulation are likely capturing the actual chemistry
taking place.

Fig. 4a shows the model generally captured the product composi-
tions from the reformer/carbonator, with minor deviations. The simu-
lation underpredicted the H2 and CO2 outlet compositions by 0.56 % and
1.44 % respectively, while overpredicting CH4 and CO by 1.67 % and
0.33 %, respectively. Fig. 4b illustrates the model also adequately pre-
dicted the calciner outlet compositions. The trends in all compositions
agreed well between the simulation and experimental data for both

reactors. While some compositions exhibited under or overpredictions of
less than 2 %, the modelling approach was still able to capture the
overall product compositions leaving the reactors.

The slight differences in compositions between the simulation and
literature data could be due to the kinetic model adopted in the simu-
lation. Past studies on SMR kinetics developed and proposed different
reaction mechanisms for steam methane reforming [38]. Xu and Fro-
ment [37] proposed that CO2 is formed by both water–gas shift and
steam reforming reactions, and includes a third overall reaction pro-
ducing CO2 and H2. In contrast, Numaguchi and Kikuchi’s (NK) model
[36] used in this study omitted this additional reaction pathway, which
has recently been reported to predominate at lower temperatures [38].
Nevertheless, the NK model has shown good prediction with experi-
mental for SE-SR studies [14,29,55]. Having successfully validated the
model against experimental data, the CPFD model was then used to
conduct further studies.

3.2. Product distribution and performance at various solids loadings

Fig. 5a shows that there is a significant impact of the selection of
catalyst-to-sorbent ratio. Improving catalyst loading, and invariably
catalyst-to-sorbent ratio, reduced the methane content in the outlet
streams by promoting higher methane conversion. Fig. 5a also

Fig. 5. Composition of (a) CH4 (b) CO (c) CO2 and (d) H2 at the reformer exit for designs 1 (Blue bar with blue trendlines) and 2 (Red bar with red trend lines) at
catalyst-to-sorbent mass ratios of 0.3, 1.3 and 3. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of
this article.)
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demonstrates that lower catalyst mass led to higher methane levels in
the product stream as a result of decreased methane conversion,
approximating the effects of losing catalytic activity over time. Lowering
the catalyst loading simulated the impact of gradual catalyst deactiva-
tion by reducing the number of active catalyst sites available for
reforming reactions. [49].

Although lower catalyst loading impacted methane levels, the rela-
tively low outlet compositions of CO and CO2 in Fig. 5b and Fig. 5c,
respectively, indicate the presence of sorbent still benefitted the process.
Prior to developing the SE-SMR model, batch simulations without sor-
bent produced higher residual methane as well as CO and CO2. The SMR
reaction without CaO sorbent was simulated in a reactor filled with
catalyst particles for the three catalyst masses used in each of the C-S
mass ratios. The composition of the product streams for the three cases,
in the absence of CaO sorbent, are presented in Table 8. The data in
Table 8 shows that increasing the catalyst mass improved activity, as
evidenced by decreasing methane content and increasing hydrogen
content in the product gas.

Table 8 also includes data of the equilibrium composition of the SMR
reaction from the CPFD model and validated in a thermodynamic soft-
ware – Aspen Plus®. Aspen Plus V14 was used to model the equilibrium
composition by applying the Peng-Robinson equation of state to simu-
late the RGibbs reactor, which uses the Gibbs free energy minimization
to determine the reactor outlet composition at chemical equilibrium
[56]. At S/C ratio, temperature, and pressure of 4, 873 K, and 1 atm,
respectively, the equilibrium compositions from the Aspen Plus and
CPFD models are comparable, as seen in Table 8. Comparing the product
gas compositions predicted at different catalyst loadings against the
equilibrium compositions shows that increasing the catalyst mass from
0.02 kg to 0.05 kg enabled closer approach towards equilibrium
composition, which is consistent with faster reaction kinetics expected

from more available active sites. However, increasing catalyst mass
above 0.034 kg did not show any appreciable change in both CH4 con-
tent in the outlet stream and methane conversion. In addition, the CPFD
model still predicts some deviation from complete thermodynamic
equilibrium even at 0.05 kg loading, due to their different calculation
methods and thermodynamic databases. However, as Fig. 6 demon-
strates, combining the catalyst with sorbent significantly enhanced the
product composition compared to catalyst alone, even under conditions
of reduced catalytic activity.

Whilst the CO2 sorbent was able to enhance the product composition,
Fig. 5b shows relatively high composition of CO specifically under the
low catalyst loading condition. For instance, in CFB1, the CO level
initially decreased from 5.70 % to 1.56 % as the C-S ratio was increased
from 0.3 to 1.3, but then increased again to 2.36 % at a ratio of 3. A
couple of reasons could explain this non-linear trend. At C-S mass ratio
of 0.3, the high observed CO concentration can be attributed to the slow
CO2 sorption kinetics from the unfavourably low CO2 driving force
under the current operating conditions. Literature indicates that for
rapid CO2 sorption kinetics, the CO2 partial pressure needs to be higher
than the equilibrium value to provide adequate chemical potential for
carbonation using CaO [40]. In this case, the low partial pressure was
likely below the threshold needed for appreciable uptake rates. How-
ever, this still allowed some methane to be converted to CO via the
steam reforming reactions while increasing the CO levels leaving the
reactor. Another reason for the relatively high CO in the product stream
could be the low water–gas shift activity resulting from the low catalyst
loading. Since more methane is being converted following CO2 sorption,
the water–gas shift activity will go even lower, limiting CO conversion to
CO2, due to the low catalyst loading. The high level of CO observed for
this low C-S ratio is not peculiar to this study. Chanburanasiri et al. [57]
investigated the effects of varying Ni catalyst loading in a Ni/CaO
multifunctional particle at 873 K, 1 atm, and a steam-to-carbon ratio of
3. They reported that increasing Ni loading to 12.5 wt% yielded 80 %
H2, 6 % CO, and 2 % CO2, though the CaO was reported to having only
45 % of its pure component sorption capacity. Other reports have also
highlighted the role of catalysts in driving water–gas shift reactions,
even in enhanced conditions [58–60]. Thus, a certain level of catalytic
activity is essential to promote the water–gas shift reaction and
adequately convert CO to CO2. Further, the CO levels observed at C-S
mass ratios of 0.3, 1.3 and 3 provide insight into the relationship be-
tween CO levels and C-S ratios. At a C-S ratio of 0.3, representing a low
catalyst loading, CO levels remained high, highlighting the need for
sufficient catalyst sites to drive the water–gas shift reaction. A C-S ratio

Table 8
Composition of the product gas from the reformer for the various catalyst
masses, in the absence of sorbent.

Catalyst mass (kg) CH4

(%)
CO
(%)

CO2

(%)
H2

(%)
CH4 Conversion
(%)

0.014 8.44 4.49 14.72 72.35 84.43
0.034 4.91 5.55 14.58 74.96 90.15
0.054 4.37 5.76 14.52 75.36 91.23
Equilibrium (CPFD

model)
0.18 7.74 13.75 78.32 99.00

Equilibrium (Aspen
model)

0.38 7.00 14.32 78.30 98.34

Fig. 6. Methane conversion (a) and hydrogen yield (b) for designs 1 (Blue bar with blue trendlines) and 2 (Red bar with red trend lines) at catalyst-to-sorbent mass
ratios of 0.3, 1.3 and 3. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)
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of 1.3, demonstrating a balanced loading of both catalyst and sorbent,
produced lower CO levels, showing the synergistic benefits of the
combined solids. Finally, a C-S ratio of 3, equivalent to a low sorbent
loading, also resulted in slightly high CO, signifying the importance of
adequate sorbent mass to promote equilibrium shifts through sorption.

SE-SR involves continuous cycles of carbonation and calcination,
making it prone to sintering and reducing its sorption capacity over
time. The reduced mass of CaO sorbent at C-S ratio of 3, in the reformer/
carbonator, represents lower sorption capacity and activity as the sor-
bent degrades. Fig. 5c illustrates how varying the sorbent loading rela-
tive to catalyst mass (C-S ratio) impacts the CO2 concentration in the
outlet stream. At low C-S ratios where sorbent mass dominates, higher
sorbent levels effectively lowered CO2 levels through selective sorption.
However, comparing the C-S ratios of 0.3 and 1.3, where the sorbent
loading was reduced by approximately 39 %, the CO2 concentration
significantly decreased from 3.59 % to 0.34 % and 2.74 % to 0.35 % for
reactor CFB1 and CFB2, respectively, despite the lower absolute sorbent
mass. This could be due to the improved sorption capability afforded by
an increase in the partial pressure of CO2, as a result of steam methane
reforming driven by the presence of additional catalyst at C-S ratio of
1.3. As the mass reduces into the sintered region at C-S ratio of 3, the
simulated reduced sorbent capacity results in less CO2 being captured
from the gas stream. This causes CO2 concentrations to initially decrease
then rise again, as shown in the figure. Although, in cases where SE-SR is
operated at high pressures, the behaviour of the system under low
catalyst loading (0.3) is likely to be different, as high pressures favour
sorption of CO2 [61].

The selective sorption of CO2 serves to shift the equilibrium of the
steam methane reforming reaction in favour of more hydrogen pro-
duction. As seen in Fig. 5d, despite the low activity observed at C-S of
0.3, there was still an improvement in hydrogen concentration, which
increased from 78.32 % at equilibrium to 84.30 % and 86.06 % for CFB1
and CFB2, respectively. This was increased further to 95.75 – 96.64 % at

C-S of 1.3, following more CO2 sorption but reduced to 88.86 – 89.50 %
at C-S of 3, due to low sorbent amount. At the low C-S ratio of 0.3 with
minimal catalyst, the addition of substantial sorbent did not increase
hydrogen concentrations beyond the level achieved at the lower sorbent
loading of C-S=3. Thus, during periods of poor catalyst activity, simply
adding more sorbent does not necessarily enhance performance
compared to optimising catalyst loading. The activity of the steam
reforming catalyst imposes fundamental limits on hydrogen production
that cannot be overcome through sorbent amounts alone when catalyst
loading is insufficient. Additionally, Table 8 shows that above a catalyst
loading of 0.034 kg (without sorbent), corresponding to 55 wt% (total
solids) of catalyst interspersed with sorbent, there was minimal gains in
hydrogen concentration. This suggests that in the presence of sufficient
or optimum catalyst mass, a sorbent (CaO.MgO) loading between 45–76
wt% (27–45 wt% CaO content) was adequate for improving hydrogen
yield. Literature suggests CaO content of around 30 wt% for stable CO2
sorption performance, aligning with these results [62–64].

Thus far, the impact of varying catalyst and sorbent loadings on
component concentrations – CH4, CO, CO2 and H2 in the product gas has
been analysed. However, the primary value of SE-SR lies in its ability to
produce high yield and high purity hydrogen. Adjusting parameters like
C-S ratio not only affect equilibrium conditions through sorbent medi-
ation, but also influence methane conversion and hydrogen yields. Fig. 6
builds upon the findings of Fig. 5 by showing how the different loading
schemes corresponding to various C-S ratios impacted the methane
conversion and hydrogen yield. In Fig. 6a, the lower methane conver-
sion observed under the low catalyst loading condition aligns with
literature showing reduced conversion at lower catalyst activities
[65,66]. This is attributable to slower reaction kinetics with fewer active
sites. Despite the poor catalyst activity, adding sorbent still improved
methane conversion from ~84 % (without sorbent) to 87–91 %.
Increasing the sorbent amount (C-S=0.3) gave comparable improve-
ments in methane conversion to those achieved by using relatively high
catalyst loading – low sorbent loading (C-S=3). For hydrogen yield in
Fig. 6b, low catalyst loading – high sorbent loading (C-S=0.3) was most
detrimental to hydrogen yield, with much higher yield attained with
lower sorbent loading (high catalyst loading). This is similar to the
hydrogen concentration trend and indicates that while sorbent provides
equilibrium benefits, sufficient catalyst activity is essential for max-
imising hydrogen production rate and yield.

The C-S ratio significantly impacts CO2 capture efficiency (CCE) and
process efficiency (PE) in both CFB1 and CFB2 reactors. Table 9 sum-
marises these efficiencies for the various C-S ratios. In CFB1, reducing

Table 9
CO2 capture and process efficiencies for the different cases.

Cases CCE (%) PE (%)

CFB1-0.3 80.22 73.13
CFB1-1.3 98.53 87.54
CFB1-3 67.82 86.77
CFB2-0.3 85.98 80.85
CFB2-1.3 98.51 90.76
CFB2-3 69.38 88.29

Fig. 7. Flow rate of (a) hydrogen produced from the reformer/carbonator and (b) CO2 released from the calciner.
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sorbent loading (C-S=3) decreased CCE from 98.53 % at the base ratio
(C-S=1.3) to 67.82 %. Similarly, CFB2 showed a CCE reduction from
98.51 % to 69.38 % at C-S=3. Conversely, reduced catalytic activity (C-
S=0.3) lowered CCE to 80.22 % in CFB1 and 85.98 % in CFB2, compared
to their respective base ratios. For both reactor designs, the lowest CCE
occurred at C-S=3, corresponding to low sorbent loading. Process effi-
ciency was lowest at C-S=0.3, where catalyst activity was low. These
results indicate that catalyst activity has a more pronounced effect on
methane conversion efficiency, hydrogen yield, and process efficiency
than on carbon capture efficiency. Within this study’s parameters, low
sorbent loading impacts carbon capture efficiency, with relatively less
influence on methane conversion, process efficiency and hydrogen yield.

The curve in Fig. 7 illustrate the time-dependent production of
hydrogen from the reformer/carbonator, and the concomitant CO2
release from the calciner unit used to regenerate the sorbent. In Fig. 7a,
the hydrogen production rate profiles show comparable rates between
the C-S ratios of 1.3 and 3 (low sorbent loading) initially. However, the
C-S 3 (red curves) starts declining earlier versus C-S 1.3 (blue curves) as
the cycle progressed, for both geometries. This is attributable to the
insufficient sorbent in the reformer resulting in slower regeneration
kinetics and leading to the eventual production decline. The corre-
sponding CO2 generation trends in Fig. 7b reflect this, with C-S 3
showing delayed onset but later increase slightly in calciner CO2 release.
This means more unused catalyst ends up in the calciner, which is
inefficient. Using bifunctional catalysts with integrated sorbent could
help mitigate this issue. The earlier CO2 generation for C-S 0.3 (low
catalyst/high sorbent loading) reflects the large sorbent inventory
sending more material for regeneration early on. While the C-S=1.3
(blue curves) case begins with a lower calciner CO2 rate than 0.3, it soon
surpasses it as more used sorbent accumulates for regeneration.

As this study also sought to evaluate how the CFB1 (internal outflow
pipe) bed geometry design compares with CFB2 (side solids exit), sim-
ulations results compared key reactor performance metrics including
thermal performance, solids distribution, and product composition be-
tween the original and modified geometries across a range of catalyst-to-
sorbent (C-S) ratios. The bed volume in both geometries were kept the
same for transparent comparison. Beyond simplifying bed geometry to
facilitate scale-up studies, one objective of this comparison is to also
understand how bed geometry design influence mixing and flow be-
tween the interconnected fluidised beds and overall system perfor-
mance. Bed geometry can affect the hydrodynamics of a system, which

in turn, impacts on the heat and mass transfer and overall chemical
performance [67]. From the results presented so far, it is clear that both
geometries performed slightly similar except for the obvious disparity at
C-S of 0.3. Perhaps, the presence of an obstruction (pipe) inside the
reactor in CFB1, in addition to reduced catalyst surface area, influenced
the methane flow behaviour such that it reaches more height (especially
around the pipe area) into the bed before it is substantially converted.

An analysis of component distributions also shows similar behaviour
observed for CO2 and CO distribution in CFB1 at C-S 1.3, as presented in
Fig. 8. Fig. 8 shows the component distribution inside the reformers of
both reactor geometries cut in the axial direction at C-S 1.3. For CFB2,
there was a slight improvement in consumption of CO2, which can be
attributed to increased usable sorbent surface area and reactants’ better
access to the surface area, as they were not channelled away around the
pipe area like CFB1.

It is interesting to see how CO2 is distributed within the calciners in
Fig. 9 for both bed geometries. CFB2 exhibited a higher CO2 concen-
tration centred along the reactor axis, indicating preferential gas flow

Fig. 8. Contours of (a) H2O, (b) CH4, (c) CO, (d) CO2, and (e) H2 distributions in the reformer/carbonator of CFB1 and CFB2 bed geometries cut into half axially.

Fig. 9. Contours of CO2 distributions in the calciner of (a) CFB1 and (b) CFB2
bed geometries cut into half axially.
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through the core region. In contrast, CFB1 featured a more localised
accumulation of CO2 surrounding the top of the internal pipe perimeter.
This localised distribution in CFB1 suggests the pipe geometry imposed a

degree of directiveness on the local fluidisation patterns, leading to a
flow closer to the wall. Bubbles in CFB1 may have been steered toward
the open radial slots between the pipe and wall surface.

Fig. 10. Time-averaged particle temperatures in the (a) reformer/carbonator and (b) calciner for CFB 1 and 2 at different catalyst-to-sorbent ratios.

Fig. 11. Contours of temperature distribution mid-bed CFB 1 for catalyst-to-sorbent ratios (a),(b) 0.3 (c),(d) 1.3 and (e),(f) 3 in the reformer/carbonator (a,c,e) and
calciner (b,d,f).
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3.3. Time evolution and spatial distribution of particle temperature

While operating with a large sorbent inventory helped improve CO2
capture to an extent as well as increase CO2 release in the calciner due to
more spent sorbent circulation, it came at the cost of higher thermal
energy requirements, especially in the calciner. Some studies use excess
solid sorbent in the reformer to try to improve the system’s thermal
neutrality [68–70], but this only marginally helps the reforming process
while imposing an energy penalty during sorbent regeneration, as
illustrated in Fig. 10. Furthermore, adding excess sorbent has minimal
impact on improving CO2 capture, as previously explained. The mar-
ginal gains in CO2 release do not justify the significant energy penalty for
regenerating the extra sorbent. Therefore, optimisation is required to
find the sorbent circulation rate that balances adequate CO2 capture
with sustainable thermal management and energy usage, rather than
increasing sorbent inventory.

The temperature drop profiles across the reformer and calciner units,
shown in Fig. 10, provide insight into how sorbent loading impacts heat
transfer. In the reformer, cases with relatively large sorbent amounts (C-
S=0.3 and 1.3) demonstrated lower temperature drop with time,
compared to the case having a lower sorbent loading (C-S=3). The low
temperature drop suggests that higher sorbent loadings aided in main-
taining heat within the reformer/carbonator via exothermic carbonation
reaction. Conversely, the temperature drop in the calciner followed the
opposing pattern, as seen in Fig. 10b. The scenario with the highest
sorbent loading (C-S=0.3) exhibited the greatest temperature drop,
followed by intermediate (C-S=1.3) and then lowest (C-S=3) sorbent
conditions. This suggests a larger heat sink was imposed on the calciner

by higher sorbent mass, making more heat to be absorbed via the solid
phase. Additionally, the relatively low temperature drop observed in C-
S=3 (low sorbent loading) is also associated with the low spent sorbent
being sent to the calciner. These results indicate that the bed tempera-
ture profiles in the calciner are sensitive to variations in sorbent loading.
Therefore, careful thermal management, through improved heat inte-
gration to the calciner, will be necessary to maintain sufficient tem-
perature for complete regeneration as loading increases.

To shed more light on the thermal behaviour of the reactor beds, it
will be informative to examine the temperature distribution profiles
within the reactors. Fig. 11 and Fig. 12 show the contour plots of the
modelled temperature distributions for CFB1 and CFB2, respectively,
taken at the centre of the reformer and calciner reactor beds at different
sorbent loadings and simulation times. In the reformer, the higher sor-
bent cases (C-S 0.3, 1.3) maintain a more uniform temperature contour
with less radial variation compared to the lower sorbent case (C-S 3),
particularly as the reaction and circulation progresses. The lower sor-
bent case (C-S 3) takes more time to achieve uniformity especially in CFB
1. Similar observation is seen in the calciners where the higher sorbent
cases (C-S 0.3, 1.3) achieve uniformity as time progresses but reducing
in temperature, while C-S 3 takes more time to reach a uniform tem-
perature distribution.

3.4. Hydrodynamic behaviour within the reactors

Fluidisation hydrodynamics impact on reactor performance factors
such as gas-solids contacting, mass and heat transfer, and reaction ki-
netics [71]. The hydrodynamic characteristics of the two bubbling

Fig. 12. Contours of temperature distribution mid-bed CFB 1 for catalyst-to-sorbent ratios (a),(b) 0.3 (c),(d) 1.3 and (e),(f) 3 in the reformer/carbonator (a,c,e) and
calciner (b,d,f).
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fluidised bed reactors, CFB1 and CFB2, were evaluated at C-S (=1.3) and
compared through analysis of pressure profiles, particle volume fraction
and solids distribution. This section will discuss these hydrodynamic
studies and examine how the geometrical configuration of each reactor
influences flow characteristics.

3.4.1. Pressure profiles
Pressure distribution provides insights into solids holdup, mixing,

and transport dynamics [72]. Fig. 13 and Fig. 14 display the full-loop
pressure profile along the heights of the CFB systems, CFB1 and CFB2.
Data points were placed at various heights along the centreline of the
reformer/carbonators, calciners, top and bottom loopseals and the
transport risers. For both designs, there is a gradual decrease in pressure
along the length of the transport riser section as solids are transported
upward. The pressure drop remains relatively small across the connec-
tions feeding into the cyclone units. Within the cyclones and upper
sections of the reformer/carbonator reactors, the pressure levels off at a

near-constant value. However, a slight increase is observed lower down
in the reactors where the solids holdup begins to build up again. A
similar minor increase in pressure also occurs at the top loopseal as
solids transfer to the calciner. This was followed by a constant reduction
and then slight increase again at the calciner inlet and outlet, respec-
tively. Finally, a sharp spike in pressure is noted within the base of the
bottom loopseal, indicating high level of solids accumulation. The high
pressure profile in the loopseal region is especially important for
maintaining proper solids circulation in such a dual circulating fluidised
bed system [73,74].

The maximum simulated pressure drops across key components of
the dual fluidised bed systems (the reactors, loopseals and transport
riser) are summarised in Table 10. These maximum values were
extracted from the CPFD-generated pressure profiles at the bottom re-
gion of each reactor, loop seal, and riser where the highest pressures
occurred. Generally, the pressure drops across the reformer and top
loopseals connecting to the calciner tend to be lower in magnitude

Fig. 13. Time-averaged pressure distribution profile along the heights of the reformer/carbonator, top loopseal, calciner, bottom loopseal, transport riser and
cyclone for CFB1.
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compared to those in the calciner reactor and associated bottom loop-
seals, with the highest simulated pressure in the system occurring in the
bottom loopseal. This is due to large solid holdup and high resistance to
solids flowrate in the opening between the supply pipe (connected to the
calciner) and the recycle pipe (connected to the riser) [75]. Meanwhile,
the high pressure drops occurring within the transport riser zones is
consistent with the high velocities and circulation rates required to
transport particles over long characteristic paths [76].

CFB1 exhibited a notably higher overall pressure drop compared to
CFB2 under similar operating conditions. The percent difference in
simulated total pressure drop between the two systems ranged from
2.20 % to 15.60 %. The largest deviation was observed in the top
loopseal, where the total pressure drop for CFB1 was 15.60 % higher
than CFB2. The relatively high simulated pressure drops in CFB1 signify
greater flow resistance compared to CFB2.

3.4.2. Particle volume fraction
Fig. 15 displays the radially distributed, time-averaged particle vol-

ume fraction profiles extracted from the simulations at the central bed
height (1.87 < HB<2 cm) of both reactors – CFB1 and CFB2. The profiles
tend to be slightly higher near the wall than at the centre, especially for
CFB2. The gradual drop and peaks near the walls for each bed indicate
high concentrations of solids at the walls as bubbles travel upwards
through the central region. As gas bubbles rise through the centre of the
bed, they exert forces on surrounding particles and push solids nearby in
the radial direction toward the wall, while propelling particles ahead in
the axial flow direction [77]. However, the particle fraction distribution
in the reformer shows a slightly different trend near the walls, particu-
larly for CFB1. Since they both have the same fluidising gas, this dif-
ference in profiles between CFB1 and CFB2 reformers is likely caused by
geometric factors. In CFB1, a lower particle volume fraction is observed
near the wall compared to the central region, as shown in Fig. 15 for
normalised diameters under 0.3. This reversed wall effect indicates
bubbles are concentrating more towards the reactor periphery rather
than the core. This altered bubble flow is likely caused by the internal
overflow pipe in CFB1′s reformer being positioned close to the wall. The
pipe obstruction may block lateral movement of bubbles, forcing them
to travel upwards closer to the wall and displacing more particles in-
ward. Nevertheless, the profiles appear fairly uniform across the radius
for both systems, indicative of effective radial mixing by bed bubbles.

3.4.3. Solids distribution
The fluidised bed reactors contain a mixture of CaO sorbent, catalytic

particles, and CaCO3 product. Analysing the distinct concentration

Fig. 14. Time-averaged pressure distribution profile along the heights of the reformer/carbonator, top loopseal, calciner, bottom loopseal, transport riser and
cyclone for CFB2.

Table 10
Maximum pressure drops across the key components of the system for CFB1 and
CFB2.

Maximum pressure drop CFB1 (Pa) CFB2 (Pa)

Reformer/carbonator 251.52 245.89
Top loopseal 780.06 658.02
Calciner 300.67 326.56
Bottom loopseal 2175 1982.12
Transport riser 2135.60 1942.80
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profiles for these solids can reveal segregation patterns and mixing
behaviour. Therefore, the distribution of the solids’ species are pre-
sented in Fig. 16 and Fig. 17 to give further perspectives on the distri-
bution of the sorbent, catalyst, and CaCO3 product particles in the full-
loop system. It is important to note that the catalyst mass fraction is
normalised based on its pure fraction in the total reactor inventory, and
hence remains around a value of 1 throughout. Meanwhile, the CaO
sorbent mass fraction is normalised by the total sorbent (CaO.MgO)
concentration circulated in the system. The CaCO3 product fraction

depends directly on the local availability of CaO particles and is also
normalised based on the total sorbent. Examining the contours after 200
s of simulated operation first reveals the expected result that CaO mass
fraction is lower in the reformers versus calciners for both CFB1 and
CFB2. However, CFB2 demonstrates notably higher CaCO3 levels in the
reformer and slightly in the calciner, suggesting improved sorbent uti-
lisation. Nonetheless, no apparent segregation of solids was observed for
CFB1 and CFB2 upon further analysis of solids distribution and solids
were uniformly distributed.

4. Conclusions

This study investigated the impact of various catalyst-to-sorbent (C-
S) ratios and two bed designs on the chemical performance of a dual
circulating fluidised bed system for SE-SR of methane. Properties
including product composition, thermal performance and solids distri-
bution, were compared between the two bed geometry designs. Three C-
S mass ratios (0.3, 1.3 and 3) were explored to analyse SE-SR’s chemical
behaviour and hydrodynamic characteristics in a CFB system. At a low
C-S of 0.3, methane conversion was lowest with a product gas relatively
high in unconverted CH4 and CO, and low in H2, suggesting incomplete
reforming and CO shift reactions due to insufficient catalyst contact
time. As a result, CO2 capture was negatively impacted due to lower CO2
partial pressures and driving force. A moderate C-S of 1.3 resulted in
improved methane conversion and reduced levels of CO and CO2 in the
product, with the highest H2 yield. At C-S=3, methane conversion
decreased relative to the baseline C-S=1.3, and CO2 emissions was the
highest. However, the negative effects caused by low catalytic activity
exceeded those caused by low sorbent activity on the overall process
performance. Within the parameters of this study, catalyst activity has a
more pronounced effect on methane conversion efficiency, hydrogen
yield, and process efficiency than on carbon capture efficiency, while
low sorbent loading impacts carbon capture efficiency and has relatively
less influence on methane conversion, process efficiency, and hydrogen
yield.

Fig. 15. Radial distribution of time-averaged particle volume fraction at the central bed heights of the reformer and calciner for CFB1 and CFB2.

Fig. 16. Distribution of (a) catalyst, (b) sorbent and (c) CaCO3 within the full-
loop system for CFB1 coloured by mass fraction.
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The C-S ratio also influenced heat management in the system. While
higher sorbent loading (C-S=0.3) enhanced heat retention in the
reformer, it risked a steeper temperature drop in the calciner, which will
inadvertently increase regeneration energy penalties. For optimal pro-
cess efficiency, adjusting solid circulation rates, together with sorbent
inventory, can help alleviate energy penalties associated with calcina-
tion temperature drop. The use of bifunctional catalysts may also
enhance sorption kinetics at lower mass loadings, reducing heat re-
quirements in the calciner. The instantaneous temperature contours
revealed that achieving quick temperature homogenisation proved
challenging at very low catalyst or sorbent levels.

The solids volume fraction profiles provided insights into bubble
flow patterns within the two bed designs. In CFB1, bubbles appeared to
preferentially migrate towards the wall perimeter, as indicated by the
downward trend in particle concentration moving radially outward.
Meanwhile, CFB2 exhibited a more gently downward sloped profile at
the centre, suggesting a tendency for bubbles to accumulate more to-
wards the central axis rather than the perimeter. Solids concentration
contours revealed the expected reduced CaO fraction in reformers
against the calciners, validating the cyclic carbonation-calcination pro-
cess. A uniform CaCO3 distribution were seen in the reformers indicating
adequate contact between phases without noticeable particle segrega-
tion. Whilst the study utilised only two reactor designs, the results
indicated that further increase in reactor design complexity (as seen in
CFB1) did not significantly boost performance beyond the basic design
(CFB2). However, testing a wider range of reactor bed designs could
help validate this finding.

Beyond the effort to model SE-SR of methane in circulating fluidised
beds, the CPFD modelling approach adopted in this study also allows for
the simulation of highly dense solid conditions, which is characteristic of
industrial-scale reactors. This makes the model well-suited for in-
vestigations spanning lab to commercial implementation of SE-SR.
Additionally, maintaining an optimal C-S solid ratio will be important

at large scale, as this study has revealed that any imbalance can
compromise thermal control – a challenging aspect in industrial
facilities.

It is important to highlight that one limitation of this research is that
the model used simple assumptions that did not fully capture the com-
plexities of industrial systems by excluding submodels for catalyst
deactivation and sorbent performance decline over multiple cycles. The
next steps should involve long periods of experimental testing to predict
long-term cyclic performance. Under this condition, combined data on
performance changes over catalyst lifetimes and sorption-regeneration
cycles can be generated. This data could then be used to develop
advanced kinetic submodels that describe SE-SR performance decline
during continuous operations.
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